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Executive Summary 

 The objective of this project was to design a profitable chemical plant capable of 

producing 100,000 metric tons per operating year of epichlorohydrin. The primary starting 

reactant, glycerol was specified to be the byproduct of the industrial biodiesel production 

process. To reach the set operating battery limit of 100,000 metric tons of epichlorohydrin per 

year, 106,490 metric tons of glycerol, 80,000 metric tons of HCl, 72,000 metric tons of NaOH, 

and 2,160 metric tons of hexanoic acid are needed, along with other utility streams like high 

pressure saturated steam, cooling water and cooling brine. This resulted in an overall conversion 

of glycerol to epichlorohydrin of 93.9%, according to the final mass balance using results from 

the cumulative Aspen Plus process simulation. This epichlorohydrin production process was 

simulated in multiple softwares; a combination of spreadsheet softwares (Google Sheets and 

Microsoft Excel), MATLAB coded solutions, and the aforementioned simulation software Aspen 

Plus. 

 

The process begins with raw glycerol purification via flash drum which was designed for 

the purification of crude glycerol into a more concentrated stream which was sent to a 

hydrochlorination constant-stirred tank reactor and plug flow reactor in series to produce mono-

chlorohydrins and di-chlorohydrins which completely converted all the fed hydrochloric acid 

reactant. The DCH product was refined using a purification distillation column in which product 

was sent downstream to be phase separated by means of a decanter. Sodium hydroxide was 

added to one of the liquid phases, and then mixed with the other liquid phase in a small plug flow 

reactor. This product was sent down stream to a reactive distillation column to simultaneously be 

reacted and separated into epichlorohydrin. The epichlorohydrin product was then distilled using 

two distillation columns in series to hit the desired purity and battery limit. 

 

With a unit selling price of $3300/metric ton of the epichlorohydrin product, the market 

standard spot price for epichlorohydrin, the following economic results were obtained. 

Equipment costs were determined through a variety of available industry-trusted resources. The 

internal rate of return (IRR) was calculated to be 20.6%, with a return on investment (ROI) of 

15.3% and a total paperback period of 6.5 years. For this economic scenario a total fixed capital 

investment (FCI) of $325 million is required, with a yearly operational cost of $142 million. 

Cumulatively speaking, this process achieved profit in 2030, 7 years after the beginning of 

construction. The US Gulf Coast was chosen due to its low tax rate, low land-cost, accessibility 

to material transportation by land or barge, and the accessibility of auxiliary industrial services.  
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1 Background 

1.1 Project Description and Scope 

 A five-page document in which the general information of this project was provided. The 

most notable portion of this document which will be referred to as the prompt, was several 

consecutive lines of chemical reactions. It was immediately evident that this project would be 

centered around the reactors in which these reactions took place, but was not initially clear on 

what other unit operations would take place. There were no process flow diagrams provided of 

the scheme, or any straightforward general recommendations on the project. It was thus 

concluded that a process would have to be built from the ground up and that the liaison of this 

project, Dr. Bruce Hook, would serve as a mentor towards ensuring that this process was in-line 

with actual, realistic practices. The process described in this prompt was Epichlorohydrin (ECH) 

production at a scale of 100,000 metric tons per year. Dr. Bruce Hook, of Dow Chemical, has 

years of experience in researching and developing such technologies made evident through the 

plethora of patents that were listed on the last page of this prompt because many had his name 

listed under the inventors category. It was learned that Dr. Hook had previous associations with 

Dr. Alan Weimer, who is the lead faculty member for this course and through that relationship, 

graciously agreed to help students of Dr. Weimer’s course in developing critical engineering 

skills.  

  

1.2 Process Description and Technology Background 

Based on the criteria described in the prompt, it was evident that a process would be 

designed that operates similarly to other large-scale manufacturing facilities. Most 

manufacturing facilities are located near the gulf coast, more specifically in Texas and Louisiana. 

A quick look at google maps will reveal the logic behind this with naval loading docs in which 

ships have access to take and deliver large amounts of product. It was foreseen that this would be 

extremely beneficial for this process, and so a Gulf coast location was selected. Establishing that 

the process would have essentially no limitations in terms of transporting goods and materials 

was important to ensure that the annual operation period of 8,000 hours was fulfilled on a 

consistent basis. The location establishment also ensured that labor shortages would be 

considered negligible as geography along the coast of Texas and Louisiana is reasonably 

populated. 

The traditional route for large scale epichlorohydrin synthesis involves the chlorination of 

propylene to allyl chloride (alternative processes start at this step), followed by reaction with 

hypochlorous acid to two intermediate compounds: ⍺,𝛾-DCH (1,3-dichlorohydrin) and β-DCH 

(2,3-dichlorohydrin). These are then reacted with a base, typically sodium hydroxide, to produce 

the final epichlorohydrin. This process route was historically used due to the low purchasing cost 

of the starting materials propylene and chlorine gas. However, as the world moves towards being 

less dependent on global oil production, a process that circumvents use of petroleum products 

becomes increasingly valuable.  
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Figure 1.2.1: Epichlorohydrin reaction sequence from propylene; (A) Reactions with Names, (B) 

Reactions with Chemistry. Propylene is chlorinated to allyl chloride, then reacted with 

hypochlorous acid (often Cl2 gas dissolved in water) to the corresponding ⍺,𝛾-DCH and ⍺,β-

DCH. This is then reacted with a base to produce epichlorohydrin. (Note: some reaction 

byproducts not shown e.g. water, HCl, NaCl). 

 

Research by Dow Chemical [P.2, P.3, P.6]  revealed a process for producing 

epichlorohydrin using glycerol instead of propylene as a feedstock. In the first reaction sequence, 

glycerol is reacted with hydrochloric acid in the presence of a carboxylic acid catalyst, producing 

the first two intermediate compounds: ⍺-MCH (3-chloropropanediol) and β-MCH (2-

chloropropanediol). These two isomers react with a second equivalent of hydrochloric acid 

producing the previously mentioned intermediate compounds: ⍺,𝛾-DCH and ⍺,β-DCH. The 

second reaction sequence is similar to the process above, with both isomers of DCH being 
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reacted with sodium hydroxide, closing the epoxide ring and producing epichlorohydrin. The 

reaction scheme provided by Santasaria et. al. [1.2.1] gives: 

 
Figure 1.2.2: Epichlorohydrin reaction from glycerol; (A) Reactions with Names, (B) Reactions 

with Molecules. Glycerol reacts with hydrochloric acid to produce a mixture of ⍺-MCH and β-

MCH. Each of these isomers reacts again with hydrochloric acid to ⍺,𝛾-DCH and ⍺,β-DCH 

respectively. This is then reacted with a base to produce epichlorohydrin. (Note: some reaction 

byproducts not shown e.g. water, HCl, NaCl). [1.2.1]. 

 

 Another important consideration in the design of this process is the potential for 

hydrolysis of the epichlorohydrin product. As described by Tolli et. al, [1.2.2], epichlorohydrin 

can react with water to a three step hydrolysis pathway shown below, ultimately returning the 

starting material glycerol. An important note about the hydrolysis reactions is the effect of pH on 

reaction rates. In strongly acidic or alkaline conditions the hydrolysis reactions are catalyzed. As 

a result, it must be ensured that any formed ECH is contacted as little as possible with the 

sodium hydroxide used in the second reaction sequence. 
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Figure 1.2.3: Epichlorohydrin hydrolysis reaction sequence; (A) Reactions with Names, (B) 
Reactions with Molecules. Epichlorohydrin reacts with water to open the epoxide ring to ⍺-MCH. ⍺-

MCH then reacts with a base present producing glycidol. Finally, the glycidol reacts with water to 
again open the epoxide ring, producing the starting material glycerol [2]. Note: shown above is the 
simplified hydrolysis sequence. Tolli et. al. provides a complex full hydrolysis reaction scheme. 
 

Yet another consideration that was pertinent to this process was the azeotropes between 

the compounds. The intermediate compounds ⍺,𝛾-DCH and ⍺,β-DCH experience an azeotrope 

with water. As these compounds are produced from a mixture of water and HCl, this introduces 

HCl to the azeotrope necessitating ternary considerations. Additionally the product 

epichlorohydrin also experiences an azeotrope with water. These azeotropes were utilized in the 

purification of these compounds, but also necessitated special equipment selections discussed 

later in this report. 

 With the advent of government subsidized biodiesel in the early 2000s, the price of 

glycerol feedstocks plummeted, increasing the viability of this alternative process. An additional 

innovation with this plant is the use of anhydrous hydrochloric acid rather than aqueous. The 

rationale behind this is the existence of anhydrous hydrochloric acid as a byproduct from several 

other industrial processes. This will further lower the price of one of the main feedstocks for the 

process, increasing the potential profit.  
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1.3 Project Impact 

 This project specifies a production rate of epichlorohydrin of 100,000 metric tons per 

year. From market research in the infancy of this project, a product purity of 99.97% was 

determined to be the industry standard. Given by Global Epichlorohydrin Market Analysis 

[1.3.1], in the year 2021 approximately 2,000,000 metric tons of epichlorohydrin were produced 

globally. This figure is expected to grow up to 3,200,000 metric tons by the year 2030.  

 One major impact of this project is based on the location of construction, the US Gulf 

Coast, specifically Texas. As given by [1.3.1], the largest regional market of epichlorohydrin is 

the Asia Pacific region, accounting for more than 50% of the market. The U.S. accounts for a 

much lower share, only 17%. Addition of the project looks to increase this figure to up to 21% 

when operating at full capacity. 

 This project operates on a “green” process, focusing on maximizing the sustainability and 

environmental factors. Additionally, this process aims to operate using mainly byproducts from 

other processes as the reactants for this process. Producing epichlorohydrin from glycerol as 

opposed to propylene is not only more economically feasible but also more economically 

friendly. However, this process produces chlorinated organics and potential VOCs. As a result, 

careful consideration must be taken in regards to the waste water output from the plant. This 

concern is compounded when the plant is next to a body of water, and very strict measures must 

be taken to ensure compliance with local and federal regulations. 

 This plant can be compared to several other glycerol to epichlorohydrin (GTE) plants 

constructed. In 2012, Solvay commissioned a new GTE plant in Thailand operating at 100,000 

metric tons per year [1.3.2]. Additionally in 2022, Meghmani Finechem, announced plans for the 

construction of a 50,000 metric ton per year epichlorohydrin plant in India. Currently, all of 

India’s epichlorohydrin was obtained from import, and thus an incentive is in place in terms of 

sustainability and economics to produce at least a portion of the nation’s consumption 

autonomously [1.3.3]. Compared to these two plants, the design and specifications of this plant 

are both realistic and impactful in terms of capacity and impact. One of the largest weaknesses of 

this project is the economic robustness. In other words, the profitability is very sensitive to 

increases in cost of starting materials, utilities, and labor. With the current ideal economic setup, 

this process would be a good investment. However if the starting materials were to increase in 

price from the demand of other GTE processes, or if the worker wages were made to 

significantly increase due to worker demands, the economic viability of this process is affected 

significantly.                     

 

1.4 Project Timeline 

 The timeline for this project was centered around the amount of available resources as 

well as the personnel. This project had three people in charge with the help of a liaison, a 

professor, and professor emeritus. To establish a timeline, goals had to be set that determine what 

can and should be accomplished through the allotted time period. In analyzing the potential 

scope of this equipment, it was projected that 3 reactors would need to be designed with 3 

subsequent columns (This turned out to be an underestimate of what was actually required to be 

designed). What was more clear was how this process was divided into two basic reaction 

schemes as provided by the prompt which in this report are referred to as the DCH and ECH 

Reaction Schemes which occur in chronological order. It was approximated that each scheme 

would take about the same amount of time, and that the two halves of the timeline should be 

centered around these two schemes in a symmetrical manner. It was projected that there would 



9 

 

additional tasks to perform, and so these were fitted on both sides of these schemes such that the 

overall plan for our timeline is shown as follows: 

 

Table 1.4.1: Overall Timeline of Project 

Start Date End Date Event Description 

01-24-2023 N/A Project initiation 

01-25 02-01 Market research 

02-02 02-06 DCH scheme development 

02-07 02-14 DCH Reactor design 

02-15 02-24 DCH Column design 

02-25 03-03 ECH scheme improvement 

03-04 03-10 ECH reactor design 

03-11 03-18 ECH column design 

03-19 03-26 ECH scheme improvement 

03-27 04-10 Overall process improvement 

04-11 04-25 Second oral presentation 

04-26 05-04 Written report writing 

05-05 N/A Final oral presentation 

05-05-2023 N/A Project completion 

 

Previous experience was gained with a project similar to this one, methanol production, 

in which a written report had to be compiled on a due date; there was a sense of familiarity with 

how long these tasks listed in Table 1.4.1 were actually going to take. Each of these timelines 

listed reflects a certain amount of leeway granted in anticipation of setbacks. So the project was 

deemed completable barring major setbacks.  

These goals reflected a certain amount of specificity desired in designing equipment. 

Equipment could not be specified to the maximum extent and so compromises needed to be 

made in terms of advancement. The basic criteria for all equipment was that everything should 

be given physical sizing and a physical description. Additionally, every piece of equipment 

implemented should come with a reasonable amount of explanation as to why that unit was 

selected. In selecting the amount of specificity, foresight was required as to what would impact 

the economic outlook the most, that is what was financially important. Sizing was one thing 

already mentioned but anything requiring continuous material feeds should be given an adequate 

amount of consideration. Additionally, things that require safety concerns should be considered 
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to avoid any unnecessary hazards, that is equipment can not be implemented that is considered 

dangerous. It was decided that MATLAB files should be created for reactor designs that reflect 

the internal behavior to a respectable extent, as it was foreseen that software simulation would be 

much more difficult to design in this regard. Columns were elected to be sized, but it was agreed 

upon to shy away from intensive design of the internals especially considering that size 

specifications of these columns could very well change over time. It was envisioned that 

additional equipment would have to be installed such as heat exchangers or pumps, and that 

these should not be given an extraordinary amount of attention due to how late they would be 

implemented in the overall timeline. 

  

1.5 Resourced Patents 

Several patents were provided in the project prompt that reference technologies and 

concepts explored pertaining to epichlorohydrin production. Some of these patents were 

contributed to by the liaison of this project, Dr. Bruce, and his peers at Dow Chemical while 

others were contributed by neighboring companies such as Solvay Chemicals. Patents referenced 

throughout this text were given distinct notations of the form [P.#] and the citations for these 

patents can be found in their own references section (PATENT CITATIONS). A brief table 

detailing these patents is provided below: 

 

Table 1.5.1: Patent citation notation 

Notation Number Name 

[P.1] US 8,338,627 B2  Process for producing epoxides 

[P.2] US 7,910,781 B2 Process for the conversion of a  crude glycerol, 
crude mixtures of naturally derived 
multhydroxylated aliphatic hydrocarbonsoresters 
thereof to a chlorohydrin. 

[P.3] US 8,586.802 B2 Multi-stage process and apparatus for recovering 
dchlorohydrins. 

[P.4] EP 1 752 435 B1 Process for producing epichlorohydrin. 

[P.5] US 7,906,690 B2 Batch, semi-continuous or continuous 
hydrochlorination of glycerin with reduced volatile 
chlorinated hydrocarbon by-products and 
chloracetone levels. 

[P.6] US 8,541,632 B2 Process and apparatus for producing chlorohydrin. 

[P.7] US 9.422,256 B2 Continuous process for producing epichlorohydrin 
from glycerol.  

[P.8] US 8.420,870 B2 Process and apparatus for recovery of 
dichlorohydrins via codistillation.  

[P.9] US 8,664,453 B2 Process and apparatus for azeotropic recovery of 
dichlorohydrins. 
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2 Material Balances 

 Based on the criteria described in the Background section, it was evident that a process 

would be designed that operates similarly to other large-scale manufacturing facilities. Most 

manufacturing facilities are located near the gulf coast, more specifically in Texas and Louisiana. 

A quick look at google maps will reveal the logic behind this with naval loading docs in which 

ships have access to take and deliver large amounts of product. It was foreseen that this would be 

extremely beneficial for this process, and so a Gulf coast location was selected. Establishing that 

the process would have essentially no limitations in terms of transporting goods and materials 

was important to ensure that the annual operation period of 8,000 hours was fulfilled on a 

consistent basis. The location establishment also ensured that labor shortages would be 

considered negligible as geography along the coast of Texas and Louisiana is reasonably 

populated. 

 The material balance over the whole process system was mathematically modeled in 

Google Sheets (a spreadsheet software). This spreadsheet initially served as a method of roughly 

calculating the input of reactants required to reach the battery limit of 100,000 metric tons of 

ECH produced in an 8,000 hour operation year. This original estimation used many assumptions 

to approximate the extent that reaction that occurred in the various reaction units with respect to 

glycerol and MCH in the first reaction sequence, then in respect to DCH and ECH in the second 

reaction sequence. The material balance spreadsheet had these assumptions changed when 

reaction extents were calculated in Aspen Plus or via MATLAB coded solutions. The initial 

scale estimations were most important when simulating or mathematically modeling the 

separation units of this process, moreover, MATLAB coded solutions which were used to find 

the required sizes of reactors used a combination of outputs from the material balance 

spreadsheet and from Aspen Plus to ensure realistic reactor sizes. 

 The material balance originally began with a basis of one kilogram of crude glycerol 

feed, assumed to have ten percent of water impurity (by mass) which was reacted with 

stoichiometric amounts of other reactants and an arbitrary initial catalyst amount of ten percent 

by mole. Subsequent calculations (done mostly on a molar basis) were done as this basis of feed 

moved through the process units. By dividing the final produced mass of ECH in that “first pass” 

of feed by the mass of the 100,000 metric ton battery limit yielded a scale-up factor by which the 

original basis could be multiplied by to reach an estimation of the feed required per year. The 

“first pass” calculations did not include recycle considerations that were present in our 

theoretical design, so stream splitting assumptions were applied to some streams, which were 

wasted otherwise, and the recycled amounts were added to the inlet streams of specific units. For 

example, in our final design, to keep the hexanoic acid catalyst from leaving the process as 

waste, the DCH purifying distillation column bottoms stream is almost wholly recycled back to 

CSTR where hexanoic acid presence facilitates the hydrochlorination reactions. This was at first 

approximated by making a flash assumption to model the separation of species in that distillation 

column, then arbitrarily selecting that 80% of the bottoms stream to be added to the feed basis at 

the inlet of the CSTR in the next iteration. Another important recycle consideration was that in 

the decantation step before ECH production, the aqueous phase products were recycled and 

added to the feed of the distillation column. The separation due to decantation was assumed to be 

an equilibrium flash separation where the azeotropic mass fractions of water and DCH were 

distributed in the respective aqueous and organic phases [4.3.2]. Additions of these recycles and 

the use of multiple iterations decreased the mass scale-up factor, however the decrease became 
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less substantial the more iterations that were calculated. This same scale-up method was applied 

to the feed flows in the final cumulative Aspen Plus simulation to achieve the battery limit. 

 

Table 2.1: Material Balance Spreadsheet Reactor Conversion Assumptions: 

Reactor Conversion Assumption Species Conversion Was 

Based on 

CSTR 80% converted Glycerol 

PFR 95% converted Glycerol 

ECH Reactor 95% converted DCH 

 

 As the project progressed, the initial material balances which were changed to better 

reflect reality, however as the cumulative Aspen Plus simulation was completed, the mass 

balance that follows from Aspen’s calculations became more pertinent. An important 

measurement that was tracked across both material balances was the percentage yield of ECH 

produced based on the fed glycerol. On the spreadsheet material balances, the calculated ECH 

percent yield from glycerol was 82.1%. While the Aspen Plus simulation estimated an ECH yield 

from glycerol of 91.3%. The main cause of discrepancy between the percent yield of ECH from 

glycerol was the additional recycles and separation equipment that were added to the Aspen Plus 

simulation, but that the material balance spreadsheet neglected. The final estimation of feed scale 

from the spreadsheet material balance was very close to what was required to reach the battery 

limit, an decrease of about 6% was applied to the Aspen Plus simulation feed rate of glycerol to 

reach 100,000 metric tons of ECH produced in 8000 hours, at the target purity of 99.97% ECH.  

 

Table 2.2: Material Balance Spreadsheet and Cumulative Aspen Plus Simulation Comparison: 

Simulation Glycerol 

Feed Rate 

(kg/hr) 

Glycerol 

Feed Rate 

(mt/yr) 

ECH 

Production 

Rate (kg/hr) 

ECH 

Production 

(mt/yr)  

Overall Yield 

of ECH from 

Glycerol 

Material 

Balance 

Spreadsheet 

15,025 120,198 12,500 100,000 0.821 

Aspen Plus 

Cumulative  

14,050 112,403 12,832 102,656 0.913 

 

 

3 Dichlorohydrin (DCH) Reaction Scheme - Development 

3.1 DCH Scheme Startup Considerations 

With the information provided by the project prompt, there was a reasonably clear idea 

on what needed to be executed for the 1st reaction scheme. It was known that a stirred reactor 

would be required for mixing the two-phase reactants and that a following reactor would be 

needed for conversion of those reactants. There were presumably several species in the product 

stream coming off these reactors, and so a subsequent column would be needed to isolate the 
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desired species, DCH from the column. A general schematic of this reaction was created and is 

shown below in Figure 3.1.1: 

 
Figure 3.1.1: Initial perception of DCH reaction scheme.  

 

It was unclear whether a recycle stream would be implemented as this would be 

dependent on the performance of the column which as stated from the prompt, was a challenge to 

design since there was a ternary azeotrope that needed to be considered amongst three of the 

most prominent species (HCl-Water-DCH). Going into the design of this scheme, it was desired 

and anticipated that the bottom stream coming out the column would be recycled back into the 

first reactor from initial research towards the boiling points of all the species involved (Table 

3.1.1): 

 

Table 3.1.1: Boiling points of relevant species [3.1.4] 

Species 

Boiling Point 

(℃) 

HCl -85.05 

H2O 100 

DCH 175 

MCH 213 

Glycerol 290 

 

From Table 3.1.1, it would appear that DCH would be a product of the bottoms streams 

and thus the distillate stream should be recycled back to the reactor. Upon further investigation, 

the binary azeotrope compositions suggest that it is actually the other way around in that DCH 

will get boiled off Table 3.1.2. It was thus elected to seek a catalyst that would be present in the 

recycle stream and thus be less volatile than the binary azeotrope solutions. 

 

Table 3.1.2: Boiling points compared of species and binary azeotropes [3.1.4] 

Species 

Boiling 

Point (℃) 

HCl -85.05 
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H2O(87%)-DCH(13%) 99.4 

H2O 100 

DCH(33%)-H2O(53%)-HCl(14%) 106 

H2O(79.8%)-HCl(20.2%) 108 

DCH 175 

MCH 213 

Glycerol 290 

 

Criteria for the catalyst included being a carboxylic acid, having a higher boiling point, 

and being cheap. The the three most notable catalysts found through research that are in line with 

these criteria are shown below in Table (3.1.3):  

 

Table 3.1.3: Potential catalyst properties [7.3.2] 

Species Boiling 

Point (℃) 

Price ($/kg) 

Acetic Acid 118 0.45 - 0.85 

Hexanoic 

Acid 

205 4.00 - 5.50 

Malonic 

Acid 

136 1.35 - 7.34 

 

Using Table (3.1.3), hexanoic acid catalyst was selected because the boiling point was the 

highest and the price was not outrageous (relative to all catalysts). Observing the azeotrope 

boiling points, the expected maximum temperature used in the column would be around 110-120 

°C so it would make sense to use malonic acid rather than hexanoic acid. The latter was selected 

due to the difference in reactivity which was not a straightforward comparison. From literature 

available, acetic acid was used as a baseline for both of these catalysts and it was found, through 

comparing results from two experiments, that malonic acid is significantly less reactive than 

hexanoic (Table 3.1.4).  

 

Table 3.1.4: Left: Acetic acid and malonic acid comparison from [3.1.5], Right: Acetic acid and 

hexanoic acid comparison [P.2] 
 

Catalyst Reaction Rate 
Constant: 
Glycerol to ⍺-
MCH 

Reaction Rate 
Constant: ⍺-
MCH to ⍺,𝛾-
DCH 

Acetic Acid 3.46E4 1.57E3 

 

Catalyst ⍺,𝛾-DCH 
Selectivity 

⍺,ꞵ-DCH 
Selectivity 

Acetic Acid 90.55 1.93 
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Malonic Acid 1.32E4 1.78E3 
 

Hexanoic Acid 90.67 1.91 

 

 

With a relatively non-volatile catalyst going into the column, it was expected that the 

bottoms stream would be recycled and that the distillate stream would contain the DCH product 

and thus be sent for downstream processing. Recycling the catalyst was considered an ideal 

scenario for this scheme, since it would not be consumed during reaction and thus could be used 

repeatedly. It was not expected that a perfect distillation would occur and that there would be 

some impurities in this recycle stream which would result in long term accumulation of species 

in this loop. This had to be accounted for and so a purge splitter had to be implemented on the 

recycled steam. Thus, building off the PFD of Figure (3.1.2), the perceived reaction scheme is 

shown below: 

 
Figure 3.1.2: Adjusted perception of DCH reaction scheme 

 

The reactions themselves were simplified based on deductions made through reading 

available literature. Sources available point to the reactions of Glycerol to the MCH isomers and 

the MCH isomers to the DCH isomers being reversible, yet none of these sources or any of the 

like provided reversible reaction rate parameters for kinetic calculations. These sources simply 

notated these reactions with singular rates implying that the reverse reactions for each of these 

schemes was negligible compared to the forward. So, in light of this, the reaction rates for 

Glycerol to the MCH isomers and the MCH isomers to the DCH isomers were modeled as 

irreversible. There was also literature suggesting that an additional reversible reaction occurs 

between ⍺-MCH and ⍺,ꞵ-DCH, but no rates were found for this and so the reaction was 

neglected. Below is a diagram depicting the simplification and adjusted notation for this 
reaction scheme (Figure 3.1.3): 
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Figure 3.1.3: (A) Expected DCH reaction scheme, (B) Simplified DCH reaction scheme 

 

What was considered after the reactions themselves were how the species would be fed 

towards the process. From market research, there were two primary modes of glycerol, one being 

a crude-grade with a significant amount of impurities (namely water) at a lower cost or a 

technical grade which has higher purity but at a higher cost. Selecting the crude-grade, without 

any further investigation, was thought to be the best choice but this would have required 

additional design of a preceding separation chain to achieve purity for reaction. It was decided 

that the best course of action would be to model downstream processing, beginning with the first 

reactor, to have a technical level feed of glycerol and if time permitted depending on the progress 

that was made in other aspects of the project, design the prior separation chain so that a crude-

glycerol feedstock could be purchased. This approach was deemed reasonable because a high 

level of purity would likely have to be fed towards the reactor anyways as it was suspected at this 

time that additional impurities would impede the reaction kinetics. 

The next big question was how to feed the hydrogen chloride, that is to feed it as a gas or 

as a liquid. Since HCl has a very low boiling point, the liquid HCl would have to be in the 

aqueous form which was suspected to interfere with the kinetics of the reaction for the same 

reason as crude glycerol would. It was thus confirmed that HCl would have to be fed in the 

gaseous form. 

 

3.2 Hydrochlorination CSTR  

 Knowing the reaction scheme (Figure 3.1.3), the glycerol needed to be reacted in the 

presence of a catalyst with hydrogen chloride gas to MCH and subsequent DCH isomers. The 

most important initial consideration was the two-phase presence in this reactor which suggested 

that it needed significant mixing.. It was not feasible to convert the hydrogen chloride gas into a 

liquid phase before by means of condensation as this would have required a high-powered 

compressor or significant cooling due to HCl’s very low boiling point. A compressor would have 

been extremely expensive and a subcooled stream would have put the overall reaction solution at 
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a temperature lower than necessary for reaction activation. Thus, a two-phase reactor had to be 

considered in which adequate, continuous mixing was provided towards the solution. A 

continuous-stirred tank reactor was elected to be used as this would fulfill these criteria. Heat 

transfer considerations were neglected up to the selection of this reactor because no prior 

information was obtained that suggested this reaction was extremely exothermic, or carried any 

significant safety hazards. Whether the reactor was mass transfer or reaction limited was unclear 

at this point, but it was clear that the mass transfer would be more difficult to model than the 

reaction rates. The reaction rates were found in literature from Medina et al and were with an 

apparatus quite similar to the one intended to be designed [3.2.2]. It was decided at this point that 

the reactor would be modeled solely with respect to the reaction rates, and if successful in a 

reasonable timeline, then with mass transfer considerations. Listed below are the reaction rates, 

parameters, and variables derived from Medina et al which are in accordance with the literature 

notation as well as the notation used in Figure 3.1.3 and Equations 3.2.1 - 3.2.4 [3.2.3] 

r3 = 
𝑘3

′ 𝐶𝐺𝐿𝑌𝐶𝐻𝐶𝑙
2 (

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
+🇰′)

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
 + 𝛼3𝐻𝐶𝑙𝐶𝐻𝐶𝑙 + 𝛼𝑊𝐶𝑊

                 (3.2.1)                

r4 = 
𝑘4

′ 𝐶𝐺𝐿𝑌𝐶𝐻𝐶𝑙
2 (

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
+🇰′)

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
 + 𝛼3𝐻𝐶𝑙𝐶𝐻𝐶𝑙 + 𝛼𝑊𝐶𝑊

                 (3.2.2)         

r7 = 
𝑘7

′ 𝐶𝛼𝐶𝐻𝐶𝑙
2 (

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
)

𝐶0,𝐶𝐴𝑇𝐶𝑊

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
 + 𝛼7𝐻𝐶𝑙𝐶𝐻𝐶𝑙 

                 (3.2.3)         

r8 = 
𝑘8

′ 𝐶𝛼𝐶𝐻𝐶𝑙
2 (

𝐶0,𝐶𝐴𝑇

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
)

𝐶0,𝐶𝐴𝑇𝐶𝑊

𝐶𝑊 + 𝐾′𝐶𝐺𝐿𝑌 + 𝐾"𝐶𝛼
 + 𝛼7𝐻𝐶𝑙𝐶𝐻𝐶𝑙 

           (3.2.4) 

 

Table 3.2.1: Hydrochlorination Reaction Kinetic Constants [3.2.3] 

Parameter Value  Units Notes 

km,3 2.40947 m3/mol-min Pre-exponential factor, Glycerol to ⍺-MCH 

Ea,3 96.7595 kJ/mol Activation Energy, Glycerol to ⍺-MCH 

km,4 0.101 m3/mol-min Pre-exponential factor, Glycerol to ꞵ-MCH 
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Ea,4 116.789 kJ/mol Activation Energy, Glycerol to ꞵ-MCH 

km,7 0.1785 m3/mol-min Pre-exponential factor, ⍺-MCH to ⍺,𝛾-DCH 

Ea,7 54.0706 kJ/mol Activation Energy, ⍺-MCH to ⍺,𝛾-DCH 

km,8 0.1785 m3/mol-min Pre-exponential factor, ꞵ-MCH to 

Ea,8 95.1516 kJ/mol Activation Energy, ꞵ-MCH to ⍺,ꞵ-DCH 

𝛼3HCl 1098.42 Unitless Activity Coefficient of HCl, Glycerol to ⍺-

MCH and ꞵ-MCH 

𝛼W 1256.71 Unitless Activity Coefficient of Water, All Reactions 

(3, 4, 7, 8) 

𝛼7HCl 3988.72 Unitless Activity Coefficient of HCl, ⍺-MCH and ꞵ-

MCH to ⍺,𝛾-DCH and ⍺,ꞵ-DCH 

🇰m’ 0.00043 Unitless Non-catalyst Reaction Constant 

K’ 4.2522 Unitless 1st Equilibrium Esterification Constant 

K” 2.239 Unitless 2st Equilibrium Esterification Constant 

 

Table 3.2.2: Hydrochlorination Reaction Variables [3.2.3] 

Variable Units Notes 

CGLY mol/m3 Concentration of Glycerol 

CHCl mol/m3 Concentration of HCl 

C0,cat mol/m3 Concentration of Catalyst 

Cw mol/m3 Concentration of Water 

C⍺ mol/m3 Concentration of ⍺-MCH 

 

Modeling this reactor was expected to be done through a differential equations solver due 

to the simultaneity of the series reactions in this scheme. MATLAB was thus selected for use in 

which code was developed to model the reaction rates in the CSTR as a function of the changing 

concentrations which were a function of the initial feed rates. The paper reference mentioned that 

the heat transfer of this reaction scheme was considerably exothermic, but that the dissolution of 

the HCl gas was by far the most exothermic step. It was noted that their reactor design was 

carried out under isothermal conditions to derive temperature dependencies for the arrhenius 

equations of their reaction rates. Since this paper was the most likewise to this intended design, it 

was elected to model these reactions as isothermal in the MATLAB code. Figures of Medina et 
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al suggested negative first order, 2nd-order polynomial, and positive linear behavior for the 

reactant (Glycerol), intermediate product (MCH), and finalized product (DCH), respectively 

(Source). This behavior, with the assumptions that were in-place for the MATLAB code, was 

expected to be replicated to a reasonable extent in the program’s results. Once these reactions 

were replicated after about two weeks of work, it was decided that mass-transfer considerations 

should be pursued for additional modeling considerations. 

 Reactors can be modeled as user-defined subroutines in simulation software such as 

Aspen Plus, but after information from Dr. David Clough that such methods are time-intensive,. 

it was elected to stick to MATLAB modeling for both the reactions and mass transfer. Because 

the mass transfer, that is the dissolution of HCl gas into the liquid glycerol/catalyst, allows for 

the reactions to occur in the liquid phase, the mass transfer and reaction kinetics were modeled 

simultaneously through an iterative approach. Over a fraction of the residence time for a batch of 

feed into this reactor, a determined amount of mass transfer would occur and based on that mass 

transfer, the reactions would occur. The behavior of the following fraction of residence time 

would be determined from what occurred in this residence time portion, hence the iterative 

description. This iteration train would carry for the entirety of the residence time to model the 

behavior of a batch of reactants. The actual behavior of the reactor would be the sum of these 

batches, corresponding to a continuous process. Modeling over a residence time that resembled a 

batch would provide insight into the behavior along that residence time which would lead to 

deductions about how the reactor should be designed particular interest in the volume 

 Mass transfer considerations are dependent on the apparatus of use. A gas-inducing 

impeller design was elected for usage since this has the ability to recycle gas that is undissolved 

in its first passage through the liquid. If the rate of dissolution were to proportionately slow 

down, gas would not readily accumulate in the headspace as it would rather be cycled back down 

through the impeller rod due to a higher pressure gradient. This would increase the margin for 

error in comparison to non-recycling systems such as a direct bubbling feed. This is because if 

gas were to accumulate in the headspace, the pressure would accumulate which would push gas 

through the inducer at a higher rate. A gas inducing impeller apparatus was found through 

literature which uses a six-bladed impeller with evenly dispersed holes along the blade such that 

gas is pushed through the impeller rod and out through the blade holes as shown below: 
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Figure 3.2.1: (A) Gas-inducing impeller apparatus [3.2.2], (B) Impeller’s function in CSTR  

 

From the referenced literature, Forrester et al describe a power number of 3.2 was used 

for this impeller which was based upon an oxygen-water system [3.2.2]. Since oxygen is similar 

in molecular weight to hydrogen chloride, the power number was kept the same for these 

calculations. There were other parameters that were mentioned by Forrester et al in perception to 

their apparatus that were kept near the same but not quite identical. Since literature performed 

their research in a lab their apparatus was at a much smaller scale and dimensional parameters 

are in terms of ratios rather than absolute values. The difference is listed below in Table 3.2.3:  

Table 3.2.3: Comparison of Medina et. al. and Selected CSTR parameters. [3.2.3]  

Parameter Medina et al. 

Value 

Selected Value 

𝐼𝑚𝑝𝑒𝑙𝑙𝑒𝑟 𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟

𝑉𝑒𝑠𝑠𝑒𝑙 𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟
 

0.342 0.4 

Impeller Frequency 

(RPS), N 

4-8 1.5 

Superficial Gas 

Velocity (m/s), μL 

0 - (4.4E-3) 5.0E-5 

𝐼𝑚𝑝𝑒𝑙𝑙𝑒𝑟 𝐻𝑒𝑖𝑔ℎ𝑡

𝑉𝑒𝑠𝑠𝑒𝑙  𝐻𝑒𝑖𝑔ℎ𝑡
 

0.5 0.1 

Impeller Power 

Number, NP 

3.2 3.2 

𝑉𝑒𝑠𝑠𝑒𝑙 𝐻𝑒𝑖𝑔ℎ𝑡

𝑉𝑒𝑠𝑠𝑒𝑙 𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟
 

1 1.5 

 

The dissolution mass transfer of the CSTR was modeled as a function of species 

concentrations, gas/ungassed powers, and viscosities of the solution. The following correlations 

were used for the mass transfer coefficient, kLa, of the solution for gas-to-liquid mass transfer 

(Equations 3.2.5 through 3.2.8) [3.2.5]: 

 

𝑘𝐿𝑎 =  𝑘 (
𝑃𝐺

𝑉𝐿
)

𝛼

𝜇
𝐿

𝛽                   (3.2.5) 

 
𝑃𝐺

𝑃𝐿
= 0.1𝑁𝑎

−0.25 (
𝐷𝐼

𝑉𝐿
)

−0.25

(
𝑁2𝐷𝐼

4

𝑔𝐻𝐼𝑉𝐿
2/3)

−0.2

                                                                        (3.2.6) 

 𝑃𝐿 =  𝑁𝑝𝜌𝐿𝑁3𝐷𝐼
5                   (3.2.7) 

 𝑁𝑎 =  
𝑄𝐻𝐶𝑙

𝑁𝐷𝐼
3                              (3.2.8) 
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Note that nomenclature not directly listed can be found at the end of Section 3 (DCH 

Reaction Scheme). This equation (3.2.5) uses the assumption that liquids are non-coalescing 

which is a valid assumption for this experiment because of the low-frequency impeller. 

Coefficients were provided through Medina et al but these were not made clear because several 

of them were combined. Also, because of the expected difference in superficial gas velocities 

between those of Medina et al and this design, all the coefficients for the kLa term, k, 𝛼, and 𝛽, 

were gathered from Perry’s handbook based on aqueous stirred vessels. These coefficients are 

shown below in Table 3.2.4: 

Table 3.2.4: Mass Transfer Coefficients (kLa equation) [3.2.5] 

 

The resulting kLa combined with the concentration gradient of HCl present in the liquid, a 

function of the saturation point of HCl, results in the following equation describing the driving 

force of the HCl mass transfer in the liquid phase (Equation 3.2.9): 

             𝑁𝐻𝐶𝑙 =  𝑘𝐿𝑎(𝐶𝑠 − 𝐶𝐻𝐶𝑙)                                (3.2.9) 

This driving force results in the number of moles per volume-time that transfer from the 

liquid phase to the gas phases and which are present for reaction which determines the 

concentration term of HCl in the reaction rates (Equations 3.2.1 - 3.2.4).  The pressure difference 

between the headspace of gas in the top of the reactor and inside the rotating impeller blades 

serves as the physical driving force for gas such that the amount of gas bubbled through the 

liquid is a function of what pressure the gas is fed into the reactor. A high pressure system would 

have required an upstream compressor which would be expensive and was thus elected to not be 

used. So instead only a slightly higher than atmospheric pressure (1.5 atm) was used for the gas 

feed to neglect a compressor system and was a safe assumption when considering an externally 

supplier of this gas for the economics. With the selected pressure, MATLAB simulations were 

run to see what volumes produced the most ideal disappearance of HCl and appearance of other 

species.  

The inletting flow rates into the reactor were first determined by mass balance 

approximations and then improved to more accurate values based on what was needed for the 

aspen simulation. A CSTR has diminishing-returns in terms of volume to conversion, such that 

conversion of the main reactant reaches a point where any further conversion would require a 

significantly greater reactor volume. It was expected that conversion of 60 - 80% glycerol would 

be achieved in this reactor from Medina et al [3.2.4]. In toggling the volume of the reactor, the 
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ratio of dimensions such as height and diameter had to be determined. A critical criteria used for 

this was considering how gas bubbles are more likely to dissolve with longer distances to travel 

in liquid which meant that having a proportionately taller reactor would prove advantageous. A 

height:diameter ratio of 1.5 was selected to allow for better theoretical mass transfer, although 

this travel distance was not accounted for in the mass transfer of the MATLAB code. With these 

dimensions, the reactor volume was toggled to see what gave the appropriate conversion and it 

was found that the best results were obtained at around 18 m3 (Figure 3.2.2). 

 

 

Figure 3.2.2: Hydrochlorination CSTR (A) Glycerol disappearance, (B) HCl disappearance, (C) 

⍺-MCH appearance and disappearance, (D) ⍺,𝛾-DCH appearance along residence time for 18 

m3 design 

These residence times correspond well to what was expected from Medina et al. which 

was a quickly decreasing reactant (Glycerol), moderately fast appearing intermediate (⍺-MCH), 

and a slowly appearing product (⍺,𝛾-DCH) over a residence time of similar magnitude (Figure 

3.2.3). To reiterate, Medina et al used a different apparatus consisting of an argon inert to carry 

the HCl gas and an acetic acid catalyst at slightly different weights. 
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Figure 3.2.3: Medina et al’s (A) testing apparatus, (B) Reaction results with 6% mass acetic acid 

catalyst, reactor temperature of 105 °C (Isothermal), reactor pressure of 1 atm where blue. 

orange, and purple data correspond to glycerol, ⍺-MCH, and ⍺,𝛾-DCH presences, respectively 

[3.2.1][3.2.3].  

In analyzing the heat transfer of the CSTR, energy balances were implemented to model 

the temperature along a residence time. These implementations would not account for the overall 

behavior of the reactor as the heats of reaction differ along the residence time due to the 

difference in heats of individual reactions between the MCH and DCH appearance reactions, as 

well as the dissolution of HCl (Table 3.2.5): 

Table 3.2.5: Heats of reactions/dissolutions for DCH scheme 

 Heat of Reaction/Heat of 

Dissolution (kJ/mol) 

Glycerol to ⍺-MCH -49 

Glycerol to ꞵ-MCH -41.5 

⍺-MCH to ⍺,𝛾-DCH 91 

ꞵ-MCH to ⍺,ꞵ-DCH 94.9 

HCl Dissolution -74.8 

 

These values were calculated by summing the heat of formations for each of the 

components listed in the stoichiometric reactions. No consideration was given towards 

temperature normalization (from 80 ℃ to ambient conditions) of the heats of reactions as there is 

insufficient literature available on the heat capacity constants to perform such integrals. It is 

observed from Table 3.2.5 that the first stage of the reactions along a residence time would lead 

to the greatest increase in temperature as all of these contributions are exothermic while the 

following contributions are all endothermic, such that amount of coolant would need to be 

largely tailored to what is occurring at the beginning of the residence time. The temperature 

behavior in the CSTR was thus monitored along the residence time and so a differential energy 

balance was implemented that accounts for the temperature change over time. Balances were 
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implemented for heating contributions which were a function of the heats listed in Table 3.2.5, 

and the cooling contributions which were a function of the amount and type of coolant fed into 

the vessel’s jacket. Below are the different energy balances for the heating and cooling 

contributions (Equations 3.2.10 and 3.2.11, respectively), as well as the parameters of the 

cooling utility (Table 3.2.6). 

𝑑𝑇𝐻

𝑑𝑡
=  

∑   
𝑖 𝑟𝑖𝐻𝑟𝑥𝑛,𝑖

∑   
𝑖 𝐶𝑝,𝑖𝐹𝑖

                                   (3.2.10) 

 
𝑑𝑇𝐶

𝑑𝑡
=  

𝑈𝐴(𝑇𝑅−𝑇𝐶)

∑   
𝑐 𝐶𝑝,𝑐𝐹𝑐

            (3.2.11) 

Table 3.2.6: CSTR Cooling Utilities Properties 

Parameter Value Units 

Type Cooling Water  

Heat Capacity, Cp
 75.6 J/mol-K 

Overall Heat Transfer 

Coefficient, U 

1000 mol 

Temperature, TC 20 ℃ 

 

Cooling water was selected as the utility for this apparatus because cooling water is one 

of the most readily available utilities with a low price. Also considering that the differences in 

heats of reactions were not significant since having a large reactor would in itself allow for more 

endothermic reactions to occur. A bigger reactor would be harder to cool from a dimensional 

standpoint but it is also important to consider what is being cooled. This volumetric impedance is 

mitigated by the taller structure which was selected based upon the need for bubble travel, so 

these go hand-in-hand and it seems likely that even taller height:diameter ratios should be 

explored to approach the maximum pressure rating. It is also notable that a cooling of the recycle 

stream was implemented into the process as a later adjustment for a second line of heat 

mitigation.  

In applying these energy balances to the isothermal setup in MATLAB, the temperature 

along the residence time was monitored to determine what amount of cooling water would be 

needed to keep the temperature near isothermal. The starting temperature was modeled at 80℃ 

since this was found to be a combination of the best performing temperature and the most safe 

temperature as there would be an increased chance of inadequate cooling with a temperature in 

the northern part of the recommended 80-110℃ range [3.2.3]. With these conditions, the results 

for a flow rate of 1382.4 kg/min of water at 20℃ were as follows (Figure 3.2.4): 
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Figure 3.2.4: Hydrochlorination CSTR Temperature profile along residence time for batch of 

feed 

 It is observed in Figure (3.2.4) that the temperature initially rises but then steadily 

declines as the reactions proceed, as predicted from the values in Table (3.2.5). This amount of 

cooling is what results in an average value around the designated temperature of 80℃. Figure 

3.2.4 depicts a single batch over a residence time where realistically the reactor temperature 

would be a compilation of batches with an even dispersion of conversions. This is why the value 

shoots up and then falls down and why the amount of coolant was not toggled to get the behavior 

at 80℃ but rather to an average value of 80℃. 

 Aspen simulations were run in which conversion of MCH and DCH was achieved a lot 

faster than what is shown through MATLAB (Figure 3.2.4). It was initially attempted, once 

agreed upon to not design a user-defined subroutine for a reactor, that the reactor should be 

operated with an ideal head space to accommodate a two-phase consideration. This, after many 

attempts, proved successful in producing expected results. The inputs were used as shown below 

in Figure 3.2.5:  
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Figure 3.2.5: ASPEN Plus Hydrochlorination CSTR (A) Inputs, (B) Schematic design, (C) 

Stream results (Stream notation included in part (B)) 

 Lower conversion of glycerol was achieved in Aspen’s CSTR (0.737 vs 0.853) with a 

similar volume (18.45 vs 20 m3) than the MATLAB code but the behavior in kinetics was similar 

in terms of selectivity. A slightly lower catalyst was used for the Aspen CSTR,~5%, wt. as 

opposed to MATLAB, ~7%. The amount of catalyst feedstock in ASPEN was primarily through 

the recycle stream (REC) since no catalyst gets consumed through reaction and very little boils 

out of the downstream DCH purification column. 

What was lastly designed with this reactor was the material of construction. Acidic gas 

was going to be present in the reactor and thus the material of construction choice for this reactor 

was extremely important to avoid any long-term corrosion effects. An alloy was presumably the 

best selection but after initial research it was found that a coated material such as glass-lined 

stainless steel would best accommodate this system and reduce any long-term corrosion. 

3.3 Hydrochlorination PFR  

The CSTR, as per Figure (3.2.2), would have required a very large volume to achieve 

high conversion, and thus a PFR was used to complete the reaction sequence. An adequate CSTR 

volume was selected so that the entirety of the mass transfer occurred from the gaseous HCl 

phase into the liquid phase. The resulting mixture of the PFR was assumed to be entirely liquid 

not only because of the high conversion (85.3% conversion of glycerol per Figure 2.2.2) but also 
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because the impeller of the CSTR was placed above the outletting flow (Figure 3.2.1). So the 

first big difference between the CSTR and the PFR is the amount of phases present and the 

second is the heat transfer. As per Table 3.2.5, the most exothermic contribution, the HCl 

dissolution, is a non-factor in this reactor and the two exothermic reactions occur less in this 

reactor such that the overall reaction scheme was thought to be exothermic. Thus, an adiabatic 

design was selected to where no cooling utility was necessary so that the system was insulated. 

Carrying forward the isothermal assumption from the CSTR, the temperature of the inletting feed 

was kept at 80 ℃. If any sort of heat transfer were to be considered it would be in the form of 

heating to keep the reactor at a high enough temperature for the reactions to occur. 

The goal of this reactor was to get near complete conversion of the Glycerol and near 

complete conversion of the reactive MCH isomer, ⍺-MCH. This is theoretically feasible 

considering the absence of a volume-conversion constraint, but less likely due to the highly 
endothermic nature of the reaction coupled with activation energies such that reactions 
would be thermally limited. MATLAB models were performed with the outlets of the 
CSTR simulation serving as the inlet for this unit. The same kinetics, shown in Equations 

(3.2.1) - (3.2.4) with the parameters and variables, Tables (3.2.1) and (3.2.2), respectively, were 

used for these models. The goal of these simulations was to identify which volume would be 

appropriate for reasonable conversion. A fixed length:diameter ratio was predetermined to be 8 

such that the volume could be iterated over using the following material balance: 
 
𝑑𝐹𝑖

𝑑𝑉
= 𝑟𝑖          (3.3.1) 

 𝐹𝑖 =  ∫ 𝑟𝑖𝑑𝑉
𝑉𝑓

𝑉𝑖
                       (3.3.2) 

 Another notable difference, as inferred by Equation (3.3.2), is that this reactor’s behavior 

was iterated with respect to volume rather than residence time. While the CSTR was modeled 

isothermally such that the temperature in the kinetic terms were kept constant, the temperature in 

these kinetic terms was allowed to vary as the reaction was proceeding in the same accordance as 

temperature was, that is with volume. The results for this model are shown below for a selected 

34 m3 reactor (Figure 3.3.1): 
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Figure 3.3.1:Hydrochlorination PFR species behavior along reactor length of (A) Glycerol, 

(B)HCl (Liquid form), (C) ⍺-MCH, and (D) ⍺,𝛾-DCH for 34 m3 volume. 

As observed, these results show promising but concerning behavior which was found to be due 

to the temperature drop which is shown by the following result (Figure 3.3.2): 

 

Figure 3.3.2: Hydrochlorination PFR temperature along reactor length 

The very endothermic nature of these reactions suggests that heating needed to be implemented 

and was done so by considering the reactor isothermal in the simulation. As a disclaimer, utility 

was not actually designed to keep the reaction at or near its inlet temperature of 80 ℃ but the 

following results still serve as a useful guide as to what would happen if appropriate heating 

were provided to the same-sized reactor. 
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Figure 3.3.3: Isothermal Case: PFR Species behavior along volume length of (A) Glycerol, 

(B)HCl (Liquid form), (C) ⍺-MCH, and (D) ⍺,𝛾-DCH for 34 m3 reactor. 

In comparing the two sets of graphs (Figure 3.3.1 and 3.3.3) it is apparent that a temperature 

decrease along the reactor significantly hampers the reactions of MCH to DCH. It was thus 

concluded that a heating utility should be implemented on the PFR to achieve desired 

conversion. Carrying this over to the aspen simulation, it was observed that a temperature rise 

takes place despite a similar conversion in the prior CSTR (similar feed): 
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Figure 3.3.4: Aspen Plus Hydrochlorination PFR Temperature Profile (34 m3 reactor) 

The temperature unexplainably shot up and conversion was readily achieved with the reactor 

identical volume (Figure 3.3.4). This temperature spike was challenging to identify because heat 

transfer was not considered in setting up this reactor nor were heats of reactions even provided. 

What is even more perplexing is how the temperature at the beginning of the reactor is ~110 ℃ 

when the process stream going into this PFR is 80 ℃. A provided hypothesis on this behavior is 

that Aspen is considering HCl dissolution in the PFR, that is any conversion in the PFR is 

associated with mass transfer of HCl which is the most exothermic step in this reaction scheme. 

Unfortunately, this hypothesis is doubtful since the reactor was specified as having a singular 

liquid phase. 

 

Figure 3.3.5: Aspen Plus Hydrochlorination PFR molar composition profile along reactor 

length  - in accordance with Temperature profile of Figure 3.3.2 

The reactions expectedly occur quickly at this high temperature to where the majority of the 

reactor volume is unnecessary. Still this reactor completes conversion and so the results were 

used to carry forward the simulation. It was understood going into this project that Aspen Plus 

has a large amount of error with non user-defined reactors and that reactors should be backwards 
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modified to achieve an expected performance. So while the MATLAB would be used for better 

approximation of PFR performance, a different model is used to achieve conversion for the sake 

of understanding every unit in a cumulative manner. The amount of volume required to achieve 

conversion was drastically less in the Aspen Simulation, and so the following specifications were 

used to produce the following results: 

 

Figure 3.3.6: Hydrochlorination PFR Aspen Plus (A)Inputs, (B) Schematic, and (C) Stream 

Results 

 The volume dimensions did not have a noticeable impact on the unexplainable 

temperature rise and so these were implemented arbitrarily into the cumulative Aspen Plus file.  

Table 3.3.1: Hydrochlorination CSTR and PFR Nomenclature 

Variable/Paramete
r Notation 

Value (N/A for Variable) Units Notes 

𝛼 0.8 Unitless mass transfer 
coefficient 1 



32 

 

𝛽 0.2 Unitless mass transfer 
coefficient 2 

CHCl N/A mol/m3 Concentration of HCl 
in liquid phase 

Cp,i N/A mol/m3 Heat capacity of 
component i 

Cs 6.31E3 mol/m3 Saturation 
concentration of HCl 
in glycerol solution 

DI 1.34 m Impeller diameter 
(length) 

Fi N/A mol/min Molar flow rate of 
species i 

g 9.81 m/s2 gravitational 
acceleration 

HI 0.505 m height of impeller of 
bottom of reactor 

Hrxm,i N/A kJ/mol Heat of reaction of 
reaction i 

k 2.6E-3 Unitless mass transfer 
coefficient 3 

kLa N/A unitless mass transfer 
coefficient 

N 1.5 rps Impeller frequency 

Na N/A Unitiess Aeration Number 

NP 3.2 Unitless Power number  

⍴L N/A kg/m3 Density of liquid 
solution 

PG N/A W/s Gassed power- power 
required to stir liquid 
with bubbles present 

PL N/A W/s Ungassed power- 
power required to stir 
liquid without bubbles 
present 
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QHCl N/A m3/min Volumetric flow rate 
of HCl gas into liquid 
solution 

ri N/A mol/m3-min Reaction rate of 
reaction i 

t N/A min Time (interval) 

TC 20 ℃ Coolant Temperature 

TR N/A ℃ Temperature of 
solution 

VL N/A m3 Liquid volume 

μL 5.0E-5 m/s Superficial gas 
velocity 

 

3.4 DCH Purification Distillation Column 

 After DCH is produced in the CSTR and PFR reaction units, it was desired that DCH be 

isolated from other partially hydrochlorinated MCH species, catalyst, and water. The design of 

this distillation column relied heavily on usage of Aspen Plus because the ternary azeotrope 

between water, DCH, and HCl disallowed use of the Fenske-Underwood-Gilliland mathematical 

modeling method (the FUG method). Selection of catalyst and operation temperature were also 

key considerations in the design of this distillation column. 

 The first attempted method of designing specifications for this distillation column was the 

Fenske-Underwood-Gilliland method, which mathematically estimates parameters like reflux 

ratio and number of equilibrium trays required for a given separation based on temperature-

specific partition coefficients (also called K-values) at the inlet and both outlet conditions of the 

column. Calculations first begin with gathering those partition coefficients, which was done in 

the Aspen Plus properties environment where stream flow rate, composition and temperature and 

pressure were specified based on the feed conditions at the inlet of the column. These partition 

coefficients were applied to the material balance as a rough estimation of how the components 

would separate if the separation was assumed to be a temperature flash. However these partition 

coefficients were not suitable for usage in the FUG method because the azeotrope between water 

and DCH caused the partition coefficients for both isomers of DCH (⍺,𝛾-DCH and ⍺,β-DCH) to 

be much lower than expected. Because DCH and water experience an azeotrope, setting the 

column operation conditions so that water exits out of the top of the column should carry an 

azeotropic amount of DCH also out of the top of the distillation column, but the partition 

coefficients, which is a ratio of fraction of species present in the gas phase over fraction of 

species present in the liquid phase at equilibrium, did not reflect this.  
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Figure 3.4.1: Ternary Azeotropic Interactions Between DCH, Water, and HCl [4.3.2]. This 

figure illustrates the azeotropic compositions, by weight, as well as the boiling points of the 

individual components at that azeotropic composition. The axes of this ternary diagram are the 

weight percent of the respective components. The DCH axis starts at 0% at the corner labeled 

with H2O, and is 100% at the corner labeled DCH. Similarly, the left axis is the HCl composition 

axis (composition increases from the DCH corner to the HCl corner)and the right axis is the H2O 

composition axis (composition increases from the HCl corner to the H2O corner.  

 

 Therefore, it was advantageous to model this distillation column fully in Aspen Plus, 

which also uses a variation of the Fenske-Underwood method to estimate minimum stage 

number, reflux ratio, and other parameters, but can iteratively calculate partition coefficients at 

any condition in the column. It was discovered that only some fluid packages in Aspen Plus 

recognize a given azeotrope, so this distillation column was simulated using the NRTL fluid 

package after verifying that the Aspen Plus simulation recognized an azeotropic interaction 

between DCH, water, and HCl.  

 

Table 3.4.1: DCH Purification Column Parameters 

Parameter Value  Units 

Column Operating 

Pressure 

0.0215 Bar 

Reboiler 

Temperature 

108.981 ℃ 
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Condenser 

Temperature 

12.759 ℃ 

Number of 

Equilibrium Stages 

24 unitless 

Feed Stage 13 unitless 

Reflux Ratio 0.6 unitless 

Distillate to Feed 

Ratio 

0.82 unitless 

 

 Simulation of the DCH purification distillation column began with a shortcut column 

model in its own simulation environment using the inlet flows that resulted from the MATLAB 

coded simulation of the hydrochlorination PFR. Certain shortcut column specifications, like 

number of equilibrium stages, reflux ratio, and distillate to feed ratio, were then applied to a 

RadFrac unit with a decanter in the cumulative Aspen Plus simulation. Table (3.4.1) describes 

the final designed parameters of the RadFrac unit in the cumulative Aspen Plus simulation, 

which were determined via guess and check to reach separation behavior expected. These 

expectations came from discussion of separation fundamentals with Dr. Hook, as well as the 

reported separation that the research group he took part in (Hook et. al [P.3]).  

 

 
Figure 3.4.2: Molar Composition of Species in DCH Purification Column. This Aspen Plus 

generated figure describes the composition (by mole) of each component in the DCH purification 

distillation column on every equilibrium stage of the unit. The distillate stream exiting the 

column has the same composition as on stage 1 (on the y-axis), while the bottoms stream exiting 

the column has the same composition as on stage 24 (at the far right of the figure). 

 

 Given the separation that was conducted on the lab scale by Hook et. al [P.3], the 

separation achieved in the cumulative Aspen Plus file, and the operation of units downstream, 

changes were made to the stream flow rates. Most notably, research group Hook et. al achieved a 

similar composition of ⍺,𝛾-DCH and water out of their two-column separation process due to the 

ternary azeotrope between DCH, water, and HCl [P.3], however because the Aspen Plus 

simulation had no feed of HCl entering this distillation column the binary azeotrope that DCH 
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experiences with water caused the DCH composition to be higher overall. It was desired to 

remove HCl from the process stream via reaction in the hydrochlorination PFR in order to 

minimize HCl composition in this distillation column in order to avoid the ternary azeotrope in 

favor of the binary azeotrope in which there is a higher azeotropic composition of DCH (see 

figure 3.4.1). Researchers Hook et. al in their lab-scale dual-column separation reported 

significant amounts of  ⍺,β-DCH exiting in the distillate stream, up to 14% (by weight) [P.3], 

however the Aspen Plus simulation calculated almost no ⍺,β-DCH in the distillate stream. Due to 

this discrepancy, to make the Aspen Plus simulation better reflect the real separation, a stream of 

⍺,β-DCH was mixed into the organic stream products of the decanter to make up for the loss of 

this key reactant needed to produce ECH downstream.  

 

 
Figure 3.4.3: DCH Purification Column Aspen Plus Simulation Inputs and Stream Outputs. (A) 

shows how the streams enter and exit equipment around the DCH purification column. (B) 

shows the inputs used in the Aspen Plus simulation for the RadFrac with a decanter unit. (C) 

shows the molar flow rates of species and total streams, labeled with stream names. 

 

 The distillate and bottoms outlet streams were manipulated using mixers in order to 

prepare these streams for their destinations downstream and upstream, respectively. It was 

known that downstream from this purification column would be the dehydrochlorination mixing 

plug flow reactor (mixing PFR) and that the bottoms stream should be recycled back to the inlet 

of the hydrochlorination CSTR in order to preserve the catalyst and lessen the need to 

reintroduce it. In regards to the aqueous distillate stream, it was desired to mix this stream with 

the aqueous sodium hydroxide (NaOH) stream, so that the water produced in the 

hydrochlorination reactors could be utilized instead of adding more water to this process. While 

in the final design of the downstream mixing PFR made use of impinging jets that mix the 

organic distillate stream with the caustic-containing aqueous distillate stream within the mixing 

PFR, Aspen Plus was not able to accommodate this, so the streams were mixed in order to be 

sent to the mixing PFR in the simulation. The recovery of both DCH isomers in the organic 
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phase distillate stream was 89.2%. in the For the bottoms product of the distillation column, 
because it contained ⍺-MCH, which could be hydrochlorinated further into DCH after recycling, 

and the hexanoic acid catalyst. Hexanoic acid was specifically selected from amongst other 
researched carboxylic acid catalysts because of its higher boiling point which allows 
hexanoic acid to be recovered from DCH purification instead of sent downstream like the 

carboxylic acids with lower boiling points. However, a purge stream off of this recycle would 

still need to be implemented in the real process in order to disallow the accumulation of β-MCH, 

which cannot effectively be hydrochlorinated into DCH. This purge does cause a loss of catalyst 

in the process, however replacing the small purged amount of the more expensive hexanoic acid 

periodically is much more cost effective than replacing large amounts of cheaper, lower boiling 

point carboxylic acids like acetic acid.  

 

Table 3.4.2: DCH Purification Column Sizing and Materials 

Parameter Value  Units 

Column Height 7.3152 m 

Column Diameter 1.46304 m 

Tray 

Height/Diameter 

Ratio 

0.9 Unitless 

Number of 

Equilibrium 

Stages 

24 Unitless 

Maximum 

Pressure Rating 

1035 kPa 

Packing Material Porcelan Unitless 

Construction 

Material 

Nickel 

Alloy 

Unitless 

 

3.5 DCH Design Setbacks 

 Several setbacks occurred during the design of the first reaction sequence. First of which 

are the azeotrope considerations within Aspen Plus for the DCH purification column. In order to 

achieve the expected behavior of ⍺,𝛾-DCH and water, the NRTL fluids package was used. 

However while ⍺,𝛾-DCH showed correct VLE behavior, ⍺,β-DCH was not achieving the 

separation that is expected. As a result, a all ⍺,β-DCH that is formed that would be expected to be 

recovered nearly completely in the distillate is instead lost in the bottoms as waste. To remedy 

this, a comparable amount of ⍺,β-DCH is added to the Aspen Simulation, mixing with the organic 

output from the column and sent downstream to the second reaction sequence. 
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One notable setback that was encountered in developing the reaction scheme was that the 

material balance calculations, which had minimal consideration of the recycle stream, were not 

changed in the Aspen simulation when the recycle stream was considered. This resulted in the 

amount of catalysts being drastically higher than necessary (~45% weight rather than ~10% 

weight) and significantly altered the performance of the reactors and first DCH column. This was 

not found until down the line in the design process but was promptly fixed by dropping the 

amount of catalyst fed into the CSTR and proportionately toggling the amount of HCl feed. 

Furthermore, the distillate to feed ratio of the DCH column was slightly increased so that an 

easier separation, that is one with less of the least volatile component, could occur. Column 

performance drastically increased from 93% to 98% and the overall yield of glycerol to ECH 

increased as well. The downstream processes were not altered in performance by much as the 

change in catalyst was counterbalanced. This mistake was a result of working with multiple 

different platforms at the same time. While this variety gave more insight into how the process 

should behave, there was a greater tendency to make a mistake when a drastic change was 

implemented into a singular platform. It was found later that this had a substantial impact on 

economic outputs as the cumulative cash flow reached a positive value two whole years earlier 

than previously thought. 

 

 

4 Epichlorohydrin (ECH) Reaction Scheme - Development 

4.1 ECH Scheme Startup Considerations 

 With the information provided by the project prompt, more information was required for 

the ECH reactions. Reactions were provided for the production of epichlorohydrin, as well as the 

epichlorohydrin hydrolysis side reactions. Reaction schemes and kinetics were obtained from 

Tolli et. al [4.1.2]. Tolli et. al. provides a complex hydrolysis reaction scheme compared to the 

project description, including reverse reactions and additional compounds. 

 
Figure 4.1.1: Provided by Tolli et. al. [4.1.2], shown is the full epichlorohydrin hydrolysis 

reaction sequence. Included is the reaction of ⍺,𝛾-DCH to ECH. This scheme shows many more 
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possible reactions than were considered during this project. Reactions were simplified to the 

scheme shown below, as well as adding a reaction for ⍺,ꞵ-DCH to ECH. 

 

 
Figure 4.1.2: Reaction scheme from Tolli et. al. simplified to sequence specified in project 

description. Reaction rates correspond to rates in the paper. It is important to note that reaction 

rates for ⍺,ꞵ-DCH are not provided. As a result, the kinetics used for ⍺,ꞵ-DCH are the ⍺,𝛾-DCH 

kinetics divided by a factor of 300, roughly matching the approximate reaction rate difference as 

given by Santacesaria et. al. [4.1.1]. Epichlorohydrin is hydrolyzed to ⍺-MCH, which then 

undergoes dehydrochlorination to glycidol. Finally the glycidol is hydrolyzed to glycerol. 

 

 The reaction rate terms gleaned from Santacesaria et. al. [4.1.1] in Figure (4.1.2) come in 

two different forms: hydrolysis reactions and dehydrochlorination reactions. The 

dehydrochlorination terms are fairly standard, with only one kinetic constant and concentrations 

of the two reactants in the reaction. The hydrolysis reactions however take a different form, each 

containing an: alkaline, acidic, and neutral terms, in addition to the reactant concentrations. Full 

reaction rate equations are shown below in Equations (4.2.7) through (4.2.11). 

 An additional consideration that needed for this reaction sequence was the biphasic liquid 

behavior. The DCH being reacted does not readily mix with the aqueous sodium hydroxide also 

being fed. To ensure contact between the two for reaction, as well as to maintain a constituent 

pH and temperature, mixing apparatus must be used. A CSTR would be quite the poor reactor 

choice for this situation for conversion purposes. As a result, a PFR with mixing apparatus was 

chosen for use. Described more in depth below, the mixing PFR utilizes a pair of impingement 

jets for each inlet stream, in combination with a static mixing structure within to ensure mixing 

throughout the entire length. With ⍺,𝛾-DCH shown to reacted nearly instantaneously, the PFR 

volume is optimized around getting complete conversion of ⍺,𝛾-DCH to ECH.  

 Flowing out of the mixing PFR, a large majority of the ECH has been produced, 
however the ⍺,ꞵ-DCH will not have been reacted to any significant amount. Leaving this 

⍺,ꞵ-DCH unreacted would result in a significant overall yield loss for the process, but 

extending the PFR volume significantly would make the formed ECH available for 
hydrolysis. In order to get reaction of ⍺,ꞵ-DCH while minimizing the hydrolysis, a reactive 

distillation column is chosen for use.  The reactive distillation column will allow the 
remaining ⍺,ꞵ-DCH to react while providing continuous separation of the ECH, aided by 
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the ECH water azeotrope. ECH and water experience an azeotrope at approximately 89℃. 

If the reactive distillation column is kept at a high enough temperature and fed with 
sufficient amounts of water, the ECH will be successfully stripped and sent to the distillate of 
the column. Shown below is a summary of boiling points of relevant compounds within the 
reactive distillation column, including the ECH water azeotrope. 
 

Table 4.1.1: Boiling points of relevant species  

Species Boiling Point (℃) 

H2O (26wt%) - 

ECH (74wt%) 88.5 

H2O 100 

ECH 117 

Glycidol 167 

DCH 175 

MCH 213 

Glycerol 290 
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Figure 4.1.2: ECH Scheme PFD 1. ⍺,𝛾-DCH & ⍺,ꞵ-DCH along with aqueous sodium hydroxide 

is pumped into the mixing PFR (A). Output from this reactor is a mixture of ECH (produced from 

⍺,𝛾-DCH reacting quickly), ⍺,ꞵ-DCH (that has yet to react), along with water and NaCl. This 

stream flows into the reactive distillation column (B) at a high feed stage to maximize reaction 

and stripping area. The distillate output from the column is a nearly azeotropic mixture of ECH 

and water. The bottoms output from the column is a waste water stream of NaCl and water, 

along with trace heavy organics. 

 

 With this preliminary PFR for the ECH scheme, near complete conversion to the final 

product is achieved. However, the purity requirement has not been met. There is still a large 

amount of water in the stream, along with the heavy hydrolysis products. The first attempt to hit 

purity requirements was done with a distillation column directly after the distillate output of the 

reactive distillation column. However, due to the azeotropic nature of the ECH water mixture 

that was utilized in separating in the reactive distillation column, achieving purity requirements 

through distillation alone was decided to be non feasible.  

 

 
Figure 4.1.3: ECH Scheme PFD 2. Identical to the previous figure are the mixing PFR (A) and 

the reactive distillation column (B). Separation of ECH and water by distillation was 

problematic due to the azeotrope between the two components, necessitating another design. 

 

 Epichlorohydrin being an organic is only sparingly soluble in water, especially at lower 

temperatures. If the ECH and water mixture were to be cooled and undergo phase separation, this 

affords the opportunity to remove a vast majority of the water from the stream, effectively 

removing it from the azeotrope, greatly simplifying the purification process. Shown below in 

Figure (4.1.4) is the resulting process, which was used as the framework for designing the rest of 

the process. 
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Figure 4.1.4: ECH Scheme PFD 3. The mixing PFR (A) is identical to the previous two figures. 

The reactive distillation column (B) has been modified using a decanter (C) on the distillate. This 

decanter will separate a majority of the water present in this stream, outputting a concentrated 

ECH stream with only minor water impurities, as well as a mixed aqueous stream. The organic 

decanter output is then set to a distillation column where the rest of the water will be removed, 

producing a bottoms stream nearly completely ECH with heavy organic impurities as well as a 

waste water distillate stream. 

 

 

4.2 Dehydrochlorination Mixing PFR 

 Understanding the chemical reactions that were to take place to convert our DCH 

intermediate products into our final ECH product, we began to investigate reactor configurations 

that have been successful in the past. The most pertinent resource at the beginning of this 

investigation was patents filed by Dow Chemical researchers, which described the scheme of 

reactors that used a DCH-rich stream as a feed that was converted to ECH [P.1]. The patent and 

academic resources available, along with the advice of Dr. Hook, suggested that the reaction of 

⍺,𝛾-DCH with caustic soda happens near-instantaneously in practice, while ⍺,ꞵ-DCH reacting 

with caustic soda happens about 300 times slower, but the ECH that results from both of these 

reactions can be easily hydrolyzed by water and hydroxide ions into unwanted side-products 

(Figure 1.2.3). To maximize ECH production while minimizing the production of side-products, 

ECH should not be allowed to interact with water or hydroxide ions. Fortunately, the purified 

DCH stream consisted mostly of DCH, water, and impurities, separated into two immiscible 

liquid phases where the aqueous phase contains most of the water in that stream, and both DCH 

isomers are contained in the organic phase. Research on the specific kinetics of this conversion 

from DCH to ECH showed that all the reactions, the reaction of interest and the undesired 

hydrolysis reactions occur in the aqueous solution when DCH is available. Because an aqueous 

stream containing sodium hydroxide must be added to the reactor, it was decided that the 

separated aqueous phase could be added to the new caustic soda aqueous stream to allow for a 

larger phase volume for reaction to occur. Researchers at Dow Chemical mentioned the potential 

use of different mixing equipment in a small plug flow reactor unit to react the fast-reacting ⍺,𝛾-

DCH with caustic soda followed by another unit where ⍺,ꞵ-DCH is given more residence time 

over which it can react with caustic soda [P.1]. 

 
𝑑𝐶𝐸𝐶𝐻

𝑑𝑡
=  −𝑟ℎ

𝐸𝐶𝐻 − 𝑟𝐶𝑙
𝐸𝐶𝐻 + 𝑟𝑑ℎ

𝐷𝐶𝐻                                      (4.2.1) 
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𝑑𝐶𝐺𝐿

𝑑𝑡
=  −𝑟ℎ

𝐺𝐿 − 𝑟𝐶𝑙
𝐺𝐿 + 𝑟𝑑ℎ

𝑀𝐶𝐻                                            (4.2.2) 

𝑑𝐶𝐷𝐶𝐻

𝑑𝑡
=  𝑟ℎ

𝐸𝐶𝐻 − 𝑟𝑑ℎ
𝑀𝐶𝐻                                                (4.2.3) 

𝑑𝐶𝑀𝐶𝐻

𝑑𝑡
=  𝑟𝐶𝑙

𝐺𝐿 + 𝑟ℎ
𝐸𝐶𝐻 − 𝑟𝑑ℎ

𝑀𝐶𝐻                                         (4.2.4) 

𝑑𝐶𝐺𝐿𝑌

𝑑𝑡
=  𝑟ℎ

𝐺𝐿                                                                (4.2.5) 

 
𝑑𝐶𝐻2𝑂

𝑑𝑡
=  −𝑟ℎ

𝐺𝐿 − 𝑟ℎ
𝐸𝐶𝐻 + 𝑟𝑑ℎ

𝐷𝐶𝐻 + 𝑟𝑑ℎ
𝑀𝐶𝐻 − (𝑘𝐶𝑙,𝐺𝐿

𝑛𝑒𝑢𝑡𝑟𝑎𝑙 ∙ 𝐶𝐺𝐿 + 𝑘𝐶𝑙,𝐸𝐶𝐻
𝑛𝑒𝑢𝑡𝑟𝑎𝑙 ∙ 𝐶𝐸𝐶𝐻) ∙ 𝐶𝐻2𝑂𝐶𝐶𝑙      (4.2.6) 

𝑟ℎ
𝐸𝐶𝐻 = (𝑘ℎ,𝐸𝐶𝐻

𝑏𝑎𝑠𝑒 𝐶𝑂𝐻− + 𝑘ℎ,𝐸𝐶𝐻
𝑛𝑒𝑢𝑡𝑟𝑎𝑙 + 𝑘ℎ,𝐸𝐶𝐻

𝑎𝑐𝑖𝑑 𝐶𝐻+) ∙ 𝐶𝐸𝐶𝐻𝐶𝐻2𝑂               (4.2.7) 

𝑟𝐶𝑙
𝐸𝐶𝐻 = 𝑘𝐶𝑙,𝐸𝐶𝐻

𝑛𝑒𝑢𝑡𝑟𝑎𝑙𝐶𝐻2𝑂𝐶𝐶𝑙−𝐶𝐸𝐶𝐻 + 𝑘ℎ,𝐸𝐶𝐻
𝑎𝑐𝑖𝑑 𝐶𝐻+𝐶𝐶𝑙−𝐶𝐸𝐶𝐻                     (4.2.8) 

𝑟𝑑ℎ
𝐷𝐶𝐻 = 𝑘ℎ,𝐸𝐶𝐻

𝑏𝑎𝑠𝑒 𝐶𝑂𝐻−𝐶𝐷𝐶𝐻                                             (4.2.9) 

𝑟ℎ
𝐺𝐿 = (𝑘ℎ,𝐺𝐿

𝑏𝑎𝑠𝑒𝐶𝑂𝐻− + 𝑘ℎ,𝐺𝐿
𝑛𝑒𝑢𝑡𝑟𝑎𝑙 + 𝑘ℎ,𝐺𝐿

𝑎𝑐𝑖𝑑𝐶𝐻+) ∙ 𝐶𝐺𝐿𝐶𝐻2𝑂                               (4.2.10) 

𝑟𝐶𝑙
𝐺𝐿 = 𝑘𝐶𝑙,𝐺𝐿

𝑛𝑒𝑢𝑡𝑟𝑎𝑙𝐶𝐻2𝑂𝐶𝐶𝑙−𝐶𝐺𝐿 + 𝑘ℎ,𝐺𝐿
𝑎𝑐𝑖𝑑𝐶𝐻+𝐶𝐶𝑙−𝐶𝐺𝐿                                  (4.2.11) 

𝑟𝑑ℎ
𝑀𝐶𝐻 = 𝑘𝑑ℎ,𝑀𝐶𝐻

𝑏𝑎𝑠𝑒 𝐶𝑂𝐻−𝐶𝑀𝐶𝐻                                                    (4.2.12) 

𝑟𝑑ℎ
𝐷𝐶𝐻 = 𝐶𝐷𝐶𝐻                                                           (4.2.13) 

𝑘𝑟𝑥𝑛,𝑖
𝑐𝑜𝑛𝑑 =  𝑘𝑚,𝑟𝑥𝑛,𝑖

𝑐𝑜𝑛𝑑 𝑒𝑥𝑝 (
𝐸𝑐𝑜𝑛𝑑,𝑟𝑥𝑛,𝑖

𝑅𝑇
)                                                                                                      (4.2.14) 

 

Table 4.2.1: ECH Production Reaction Kinetic Parameters 

Parameter Value  Units Notes 

T 40 ℃ The isothermal operation temperature of the 

reactor, all kinetic constants are calculated 

via the Arrhenius Equation (eq 4.2.14). 

Activation energies and pre-exponential 

factors from Tolli et. al. [1.2.2]  

R 8.314 J/mol-K Gas constant, used to calculate kinetic 

constants via the Arrhenius Equation (eq 

4.2.14) 

kacid
h,ECH

 6.23E-05 L2/mol2-s Kinetic constant, ECH hydrolysis due to H+ 

 

Eacid,h,ECH 7.5*104 J/mol-K Activation Energy, ECH hydrolysis due to 

H+ 

kacid
m,h,ECH 2.02*108 L2/mol2-s Pre-exponential factor, ECH hydrolysis due 
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to H+ 

 

kneutral
h,ECH 1.94E-07 L2/mol2-s Kinetic constant, ECH hydrolysis due to 

H2O 

Eneutral,h,ECH 4.9*104 J/mol-K Activation Energy, ECH hydrolysis due to 

H2O 

kneutral
m,h,EC

H 

28.9 L2/mol2-s Pre-exponential factor, ECH hydrolysis due 

to H2O 

kbase
h,ECH 1.10E-05 L2/mol2-s Kinetic constant, ECH hydrolysis due to 

OH- 

Ebase,h,ECH 8.8*104 J/mol-K Activation Energy, ECH hydrolysis due to 

OH- 

kbase
m,h,ECH 5.24*109 L2/mol2-s Pre-exponential factor, ECH hydrolysis due 

to OH- 

kacid
Cl,ECH 1.37E-02 L/mol-s Kinetic constant, ECH chlorination in acidic 

conditions 

Eacid,Cl,ECH 6.7*104 J/mol-K Activation Energy, ECH chlorination in 

acidic conditions 

kacid
m,Cl,ECH 2.05*109 L/mol-s Pre-exponential factor, ECH chlorination in 

acidic conditions 

kneutral
Cl,ECH 4.87E-07 L2/mol2-s Kinetic constant, ECH chlorination in 

neutral conditions 

Eneutral,Cl,ECH 4.8*104 J/mol-K Activation Energy, ECH chlorination in 

neutral conditions 

kneutral
m,Cl,EC

H 

49.5 L2/mol2-s Pre-exponential factor, ECH chlorination in 

neutral conditions 

kbase
h,GL 1.06E-05 L2/mol2-s Kinetic constant, glycidol hydrolysis due to 

H+ 

Ebase,h,GL 6.3*104 J/mol-K Activation Energy, glycidol hydrolysis due 

to H+ 

kbase
m,h,GL 3.42*105 L2/mol2-s Pre-exponential factor, glycidol hydrolysis 

due to H+ 

kneutral
h,GL 3.98E-08 L2/mol2-s Kinetic constant, glycidol hydrolysis due to 
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H2O 

Eneutral,h,GL 6.5*104 J/mol-K Activation Energy, glycidol hydrolysis due 

to H2O 

kneutral
m,h,GL 2.77*103 L2/mol2-s Pre-exponential factor, glycidol hydrolysis 

due to H2O 

kacid
h,GL 1.44E+0

0 

L2/mol2-s Kinetic constant, glycidol hydrolysis due to 

OH- 

Eacid,h,GL 6.6*104 J/mol-K Activation Energy, glycidol hydrolysis due 

to OH- 

kacid
m,h,GL 1.47*1011 L2/mol2-s Pre-exponential factor, glycidol chlorination 

in acidic conditions 

kacid
Cl,GL 5.00E-02 L/mol-s Kinetic constant, glycidol chlorination in 

acidic conditions 

Eacid,Cl,GL 5.7*104 J/mol-K Activation Energy, glycidol chlorination in 

acidic conditions 

kacid
m,Cl,GL 1.61*108 L/mol-s Pre-exponential factor, glycidol chlorination 

in acidic conditions 

kneutral
Cl,GL 5.64E-09 L2/mol2-s Kinetic constant, glycidol chlorination in 

neutral conditions 

Eneutral,Cl,GL 7.0*104 J/mol-K Activation Energy, glycidol chlorination in 

neutral conditions 

kneutral
m,Cl,GL 2.68*103 L2/mol2-s Pre-exponential factor, glycidol chlorination 

in neutral conditions 

kbase
dh,MCH 1.06E-01 L/mol-s Kinetic constant, MCH 

dehydrohalogenation in basic conditions 

Ebase,dh,MCH 1.2*105 J/mol-K Activation Energy, MCH 

dehydrohalogenation in basic conditions 

kbase
m,dh,MCH 1.10*1019 L/mol-s Pre-exponential factor, MCH 

dehydrohalogenation in basic conditions 

    

Table 4.2.2: ECH Production Reaction Kinetic Variables 

Variable Units Notes 
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ri
h mol/L-sec Rate of hydrolysis of component i  

ri
Cl mol/L-sec Rate of chlorination of component i 

ri
dh mol/L-sec Rate of dehydrohalogenation of component i 

CECH mol/L Concentration of epichlorohydrin in the aqueous phase 

CGL mol/L Concentration of glycidol in the aqueous phase 

CDCH mol/L Concentration of dichlorohydrin in the aqueous phase 

CMCH mol/L Concentration of monochlorohydrin in the aqueous phase 

CGLY mol/L Concentration of glycerol in the aqueous phase 

CH+ mol/L Concentration of hydrogen ions in the aqueous phase 

CH2O mol/L Concentration of water in the aqueous phase 

CCl-
 mol/L Concentration of chloride ions in the aqueous phase 

kcond
rxn,i mol/L-s Kinetic constant of the reaction whose subscript denotes the reaction 

(rxn) and component (i) and the superscript denotes the condition 

(cond); an “m” in the subscript denotes that variable as the pre-

exponential factor in the Arrhenius Equation (eq 4.2.14) 

Econd
rxn,i kJ/mol Activation energy of the reaction whose subscript denotes the 

reaction (rxn) and component (i) and the superscript denotes the 

condition (cond) 

 

 Further research into turbulent liquid flow mass transfer, and the mixing operations that 

facilitate this, yielded that to minimize the residence time in a plug flow reactor (which would 

require maximized mass transfer rate of DCH from the organic to the aqueous phase for ECH 

conversion), impingement jet mixing and static mixing should be used in combination. Dow 

Chemical researchers Fan et. al reported that a constant power to mass ratio of 3 watts per 

kilogram yielded strong conversion of DCH to ECH in their lab-scale reaction apparatus [P.1]. 

Starting with an academic resource that Fan et. al cite as supplementary, research yielded a 

theoretical method of calculating mass transfer between the two phases due to impingement jet 

mixing [4.2.1]. The method used the aforementioned power to mass ratio to calculate the 

approximate surface area of organic phase droplets which would disperse into the aqueous phase 

using other parameters like reactor dimensions, viscosities, densities, and flow rates of the 

different phases. These parameters were used to model an inelastic collision between the organic 

and aqueous liquid streams from which the mass transfer results followed. A Fickian diffusion 

model was applied alongside the impingement jet mixing modeling method to mathematically 

model the mass transfer that would occur between the two phases.  

𝜆 = (
𝜈3

𝜖
)1/4                       (4.2.15) 
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𝑢𝑎𝑞 =  √
2𝜖(𝑚𝑜𝑟𝑔+𝑚𝑎𝑞)

𝑚𝑎𝑞
2

𝑚𝑜𝑟𝑔
+𝑚𝑎𝑞

                      (4.2.16) 

𝑢𝑜𝑟𝑔 =
𝑚𝑎𝑞𝑢𝑎𝑞

𝑚𝑜𝑟𝑔
                        (4.2.17) 

𝑑𝑗𝑒𝑡,𝑎𝑞 = 2√
𝑉̇𝑎𝑞

𝑢𝑎𝑞𝜋
                      (4.2.18) 

𝑉𝑐𝑜𝑙 =  𝐿𝑐𝑜𝑙𝐴𝑐  =  𝑑𝑗𝑒𝑡,𝑎𝑞
3                      (4.2.19) 

𝐿𝑗𝑒𝑡 =  3𝑑𝑗𝑒𝑡,𝑎𝑞                       (4.2.20) 

𝑡𝑚 =
𝐿𝑐𝑜𝑙

𝑢𝑓𝑖𝑙𝑚
=  

𝐿𝑐𝑜𝑙

0.3𝑢𝑎𝑞
                      (4.2.21) 

𝑛𝑑𝑟𝑜𝑝 =  
𝑉̇𝑜𝑟𝑔

𝑉𝑑𝑟𝑜𝑝
                       (4.2.22) 

𝐴𝑀𝑇  =  𝑛𝑑𝑟𝑜𝑝𝐴𝑑𝑟𝑜𝑝 = 𝑛𝑑𝑟𝑜𝑝(4𝜋 (
𝑑𝑑𝑟𝑜𝑝

2
)

2

)                   (4.2.23) 

𝐽𝐷𝐶𝐻,𝑐𝑜𝑙 = 𝐷𝐷𝐶𝐻(
𝐶𝐷𝐶𝐻,𝑜𝑟𝑔−𝐶𝐷𝐶𝐻,𝑎𝑞

𝜆
)                    (4.2.24) 

𝑁𝐷𝐶𝐻,𝑐𝑜𝑙 =  𝐽𝐷𝐶𝐻,𝑐𝑜𝑙𝐴𝑀𝑇𝑡𝑚                     (4.2.25) 

𝑢𝑓𝑖𝑙𝑚 =  0.3𝑢𝑎𝑞                                                                                                                                    (4.2.26) 

Notably, the mode of mass transfer for this MATLAB model in both the collision and 

static mixing regimes was assumed to be Fickian diffusion, where the concentration gradient acts 

as a driving force of mass transfer flux through an area. In the collision regime, the characteristic 

length over which the chemical species must diffuse was the Kolmogorov length (Equation 

4.2.24), which represents the smallest eddy dimension in turbulent flow regimes [4.2.1] (clearly 

the impingement jets cause turbulence in the collision regime). In the static mixing regime where 

fluid flow is assumed to be more laminar, the characteristic length that chemical species must 

diffuse over was determined to be the radius of the droplets. This was the application of the 

assumption that these droplets could be treated as pockets of fluid where all the diffusing 

particles exist as point sources in the center of the droplet. In both the static mixing and collision 

regimes, molar flows of species in the aqueous and organic phases were affected by mass 

transfer, in order for the original inlet flow to be adjusted to reflect the species added to that 

particular phase, the molar Fickian flux of species was multiplied by the area over which mass 

transfer occurred (the surface area of the droplets) and by the residence time (Equations 4.2.25 

and 4.2.28. In the case of the collision regime, the residence time was defined as tm, which was 

the time that micromixing was needed to occur, while in the static mixing regime, the molar 

mass transfer was iterated upon per second, so tit was only one second in every iteration 

(Equation 4.2.27). 

𝐽𝑖,𝑠𝑡𝑎𝑡 =  𝐷𝑖
𝛥𝐶𝑖

0.5𝑑𝑑𝑟𝑜𝑝
                  (4.2.27) 
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𝑁𝑖,𝑠𝑡𝑎𝑡 =  𝐽𝑖,𝑠𝑡𝑎𝑡𝐴𝑀𝑇𝑡𝑖𝑡                  (4.2.28) 

   

Table 4.2.3: Micromixing Mass Transfer Parameters 

Variable Value Units Notes 

𝜆 5.91*10-5 m Kolmogorov length, the theoretical smallest 

dimension of an eddy in turbulent flow. 

v 3.32*10-6 m2/s Kinematic viscosity of liquid film, calculated by 

averaging kinematic viscosity of all species 

present based on mole fraction. 

𝜖 0.3 W/kg Power dissipated per mass, a measure of the 

power input into a mixing system. 

uaq 2.25 m/s Superficial velocity of the aqueous stream out of 

the impinging jet. 

ufilm 0.675 m/s Superficial velocity of liquid film after 

impingement jet mixing inelastic collision. 

maq 4.53 kg/s Mass flow rate of the aqueous stream. 

morg 3.82 kg/s Mass flow rate of the organic stream. 

djet,aq 0.0506 m Diameter of aqueous stream impingement jet. 

𝑉̇𝑎𝑞 0.2716 m3/min Volumetric flow rate of aqueous stream. 

𝑉̇𝑜𝑟𝑔 0.1925 m3/min Volumetric flow rate of organic stream. 

Vcol 1.30*10-4 m3 Volume of the collision regime of the PFR. 

Lcol 1.99*10-4 m Length of the collision regime of the PFR. 

Ac 0.6521 m2 Cross-sectional area of the PFR. 

Ljet 0.1519 m Length of impingement jet, equal for both the 

aqueous and organic jets. 

tm 6.51 s Time required for micromixing to occur. 

ndrop 5.45*108 number (of 

drops) 

Number of organic phase droplets formed in the 

collision regime of the PFR. 

Vdrop 5.88*10-12 m3 Volume of a single organic phase droplet.  
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Adrop 1.58*10-7 m2 Surface Area of a single organic phase droplet. 

ddrop 200*10-6 m Diameter of a single organic phase droplet. 

AMT 85.9 m2 Area over which mass transfer occurs, the plane 

through which particles travel, which is equal to 

the total surface area of the droplets. 

DDCH 4.8*10-9 m2/s Diffusivity coefficient of DCH in the aqueous 

phase, which was assumed to be equal to the 

diffusivity coefficient of ethanol in water [4.2.2]. 

JDCH,col 0.282 mol/m2-s Molar flux of DCH from the organic phase 

droplets to the continuous aqueous phase in the 

collision regime of the PFR. 

CDCH,org 3.47*103 mol/m3 Concentration of DCH in the organic phase 

droplets (in the collision regime of the PFR). 

CDCH,aq 0 mol/m3 Concentration of DCH in the continuous aqueous 

phase (in the collision regime of the PFR). 

NDCH,col 157.8 mol Moles of DCH that transferred from the organic 

phase droplets to the continuous aqueous phase in 

the collision regime of the PFR. 

tit 1 s Time step per iteration of MATLAB coded 

solution. 

 

Table 4.2.4: Micromixing Mass Transfer Variables 

Variable Units Notes 

Ji,stat mol/m2-s Molar flux of species i from organic phase droplets to the 
continuous aqueous phase in the static mixing regime of the 
PFR, DCH, ECH, and ⍺-MCH were considered to undergo 

mass transfer. 

Di m2/s Diffusivity coefficient of species i in the continuous aqueous 
phase, it was assumed that DCH, ECH, and ⍺-MCH all had 

diffusivity coefficients equal to ethanol diffusing in water [4.2.2]. 

𝛥𝐶𝑖 mol/m3 Concentration difference of species i between the organic phase 

droplets and continuous aqueous phase, positive values indicate a 

higher concentration in the organic phase droplets (in the static 

mixing regime of the PFR). 
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Ni,stat mol Moles of species i transferred from the organic phase droplets to the 

continuous aqueous phase.  

 

To model and size this mixing plug flow reactor, a MATLAB coded solution was used to 

iteratively solve multiple ordinary differential equations simultaneously which described the 

change in composition of the reacting fluid (in mass flow rates) as that fluid traveled down the 

length of the plug flow reactor (see Figure 4.2.2 and 4.2.3). Given the intricacies of the mass 

transfer and the limited reaction kinetics information available, assumptions about the behavior 

in this reactor were made. It was assumed that there would be a region of the reactor (the 

collision regime) where impingement mixing and mass transfer occurs, but no chemical reaction, 

and a region where static mixing, mass transfer, and reaction all occur (see Figure 4.2.1). No 

chemical reaction was assumed to occur in the collision regime because the species would flow 

into the other regime too quickly to allow reaction. Another assumption was that the collision 

regime volume was equal to the diameter of the aqueous jet raised to the third power, which was 

consistent with literature calculations [4.2.1]. 

It was also assumed that the reaction of ⍺,𝛾-DCH with hydroxide ion to produce ECH 

happened instantly, as this reaction would only be limited by the mass transfer of ⍺,𝛾-DCH from 

the organic phase to the reacting aqueous phase. However, other kinetics, which described the 

hydrolysis reactions of ECH (Equations 4.2.7 and 4.2.8), were mathematically described by an 
academic group of researchers [4.1.2]. The reaction of ⍺,ꞵ-DCH was neglected in this reactor 

because the mixing plug flow reactor must be quite small, with a very low residence time. It 
was later discovered that the low concentration of ⍺,ꞵ-DCH in the organic phase was not a 

significant enough driving force for appreciable amounts of ⍺,ꞵ-DCH to reach to the aqueous 

phase where reaction occurred. The assumption was also made that fluid flow was ideal, so 
that fluid velocity in the reactor was constant.  

In the static mixing regime, it was assumed that the usage of a static mixer would 

disallow for droplets to coalesce or break, so the interfacial surface area between the organic and 

aqueous phases was constant there. Also, in order to determine the PFR diameter, clearly the 

impinging jets must not touch, but because they protrude into the reactor from either side, it was 

assumed that the jet lengths multiplied by an arbitrary factor of six would be sufficient. The 

impinging jets used experimentally by researchers Mahajan and Kirwan [4.2.1]had a length to 

diameter ratio of three, so this was adopted in the MATLAB model (Equation 4.2.20)The 

MATLAB file coded solution iterated species material balances over the coordinate of plug flow 

reactor length (which is directly proportional to residence time when fluid velocity is fixed, 

which it was assumed to be) and took into account the mass transfer between phases of ECH and 

⍺,𝛾-DCH, as well as the aforementioned reaction kinetics. Researchers Mahajan and Kirwan 

[4.2.1] noted that 30% of the aqueous jet velocity was equal to the total fluid film velocity after 

impingement, due to the inelastic collision that took place (Equation 4.2.26). The diffusivities of 

pertinent species were assumed to be the same, and lacking species specific information, it was 

assumed that their diffusivities would be equal to the diffusivity of ethanol in water, which is a 

well-researched parameter [4.2.2].  The formed droplet diameters were most desirably at a 

maximum size of 200 microns [P.1] or smaller, which was achieved using a power to mass ratio 

of 0.3 watts per kilogram, so it was assumed that this was the size of droplets formed in the 

collision regime. It was also assumed that as the droplets of organic phase dispersed in aqueous 
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phase would not coalesce or break in the static mixing regime (constant droplet surface area) due 

to the presence of a helical static mixer which would impart some uniform power to mass as the 

fluid film flows past it. 

 
Figure 4.2.1: Dehydrochlorination Mixing PFR Diagram. On the left, in the collision regime of 

the PFR, impingement jets set at an 100 degree angle of collision shoot both organic and aqueous 

phases together where they experience an inelastic collision so that droplets of the organic phase 

become dispersed in the aqueous phase via micromixing. Droplet formation occurs in the 

collision regime and these droplets persist in the static mixing regime with the implementation of 

a helical static mixer.  

 

Comparison of MATLAB coded simulation results with an Aspen Plus simulation of only 

the mixing plug flow reactor, with both simulations using the same feed, kinetic, and operating 

conditions, showed similar behavior. Initially, results showed that most ECH that formed 

immediately hydrolyzed, however careful incremented decrease of the operating temperature 

yielded results consistent with the experimental results of Dow Chemical patents as well as the 

cumulative and mixing PFR specific Aspen Plus simulations. Another key consideration was the 

mass transfer of ECH from the aqueous to the organic phase, which was driven by concentration 

gradient and minimized contact time between a large amount of ECH and its hydrolysis agents in 

the aqueous phase. The Aspen Plus simulation was used as a check for the behavior observed in 

the MATLAB coded model of the mixing PFR, but because the behaviors in both were very 

similar when the same feed rates were applied, no adjustments to the MATLAB solution were 

made based on Aspen Plus results. 
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Figure 4.2.2: Mixing PFR MATLAB Coded Simulation Reactant and Product Mass Flow Rates. 

(A) describes the sum of the molar flow rates of ECH in both the organic and aqueous phases as 

the fluid travels along the length of the mixing PFR. (B) describes the molar flow rate of ECH 

only in the organic phase as the fluid travels along the length of the mixing PFR. (C) describes 

the molar flow rate of ⍺,𝛾-DCH in the aqueous phase as the fluid travels along the length of the 

mixing PFR. (D) describes the molar flow of caustic soda in the aqueous phase as the fluid 

travels along the length of the mixing PFR. 
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Figure 4.2.3: Mixing PFR MATLAB Coded Simulation Hydrolysis Side Product Mass Flow 

Rates. (A) describes the molar flow rate of the final hydrolysis product (no further hydrolysis can 

be done) glycerol as the fluid travels along the length of the mixing PFR. (B) describes the molar 

flow rate of the secondary hydrolysis product glycidol as the fluid travels along the length of the 

mixing PFR. (C) describes the molar flow rate of ECH in the aqueous phase, where it can be 

hydrolyzed as the fluid travels along the length of the mixing PFR. 

 

 While the final cumulative simulation of this process used larger inputs of reactants into 

the mixing PFR, and was accomplished in a much smaller unit, the behavior visible in Figures 

4.2.5 and 4.2.6, is consistent with the behavior in figure 4.2.7. In both the Aspen Plus simulation 

and the coded MATLAB simulation, the amount of ⍺,𝛾-DCH diminishes sharply over the length 

of the reaction unit, and ECH forms without much hydrolysis which would turn ECH into MCH 

(called MCPD in Figure 4.2.6D), which would hydrolyze in two further steps which would yield 

glycidol (called GL in Figure 4.2.6B), respectively. Notably, the MATLAB and Aspen Plus 

simulations differ greatly in considerations, because the Aspen Plus simulation does not account 

for the mass transfer of species between the two liquid phases, or for the fact that reaction only 

takes place in the aqueous phase, however the input kinetics were the same in both simulations. 

Researchers Fan et. al [P.1] and Dr. Hook both described the reaction occurring in this mixing 

PFR as mass transfer limited, which is the cause of the size discrepancy between the two 
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simulations, if mass transfer from the organic to the aqueous phase in the MATLAB simulation 

were allowed to increase, then full conversion of the ⍺,𝛾-DCH could be achieved in a much 

shorter residence time, and therefore a shorter length of PFR. With this understanding, the 

mixing PFR was sized according to the smaller size in the Aspen Plus simulation, because 

researchers Fan et. al reached high ⍺,𝛾-DCH conversion in a lab-scale PFR only millimeters in 

length, and the mass transfer rate in the MATLAB simulation were most likely underestimations 

due to the assumption that mass transfer would occur via Fickian Diffusion. The mixing PFR 

was priced as a double-pipe heat exchanger unit of stainless steel construction. The relevant 

coordinate to price such a unit was surface area, but the surface area of the designed mixing PFR 

was lower than the minimum required for the specific pricing equation, so the minimum surface 

area value of 0.1 squared meters was used (the surface area of the Aspen Plus simulated 

mixing PFR was 0.057 squared meters). The dimensions of the mixing PFR used for the purpose 

of pricing was 0.184553 meters in diameter and 0.000615177 meters in length (see figure 

4.2.4B). This unit must be constructed with nickel alloy because of base corrosion 

considerations. Stainless steel is semi-resistant to base corrosion, but with the scale of caustic 

soda that would flow through the mixing PFR year over year, it would be advantageous to use 

nickel alloy which is more resistant to base corrosion so that this unit would not need to be 

replaced over the lifetime of the plant. 

 
Figure 4.2.4: Dehydrochlorination Mixing PFR Aspen Plus Simulation Parameters and Results. 

(A) shows the input specifications applied to the mixing PFR Aspen Plus simulation, which was 

operated at a pressure of 5 bar. (B) shows the final selected size that was determined by 
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decreasing the dimensions until the whole kinetic behavior was shown in the composition 

environment (figure 4.2.5). (C) shows the molar flow rates of each component and the 

cumulative streams that resulted from the mixing PFR Aspen simulation. (D) shows that OMIX2 

is the inlet stream of the mixing PFR and OMPFR is the outlet stream of the mixing PFR.   

 

 

 
Figure 4.2.5: Dehydrochlorination Mixing PFR Aspen Plus Simulation of Species Mass Flow 

Rates. This figure describes the change in composition of the fluid stream due to reaction as the 

fluid travels down the length of the PFR. ECH is produced by consuming ⍺,𝛾-DCH at the very 

inlet of the mixing PFR. 

 

Notably, in the piping that follows the mixing PFR, reaction would still be occurring as 

the fluid is brought to the next unit operation, the reactive distillation column. Therefore, it is 

pertinent that the piping between the two units be minimized so that the amount of ECH product 

that is lost to hydrolysis is also minimized, because the transport delay between the two units is 

essentially extra residence time for reaction in a plug flow reactor. 

   

4.3 Reactive Distillation Column (RDC) 

 The output stream from the mixing PFR contained ECH formed from ⍺,𝛾-DCH, as well 

as the less reactive ⍺,ꞵ-DCH. ⍺,ꞵ-DCH only accounts for a small amount of potential product 

(<5%), however due to the large scale of production, it is necessary to ensure conversion of  
⍺,ꞵ-DCH in order to hit the assigned battery limit. In order to ensure conversion of ⍺,ꞵ-DCH 

as seen in Figure (1.2.2) while avoiding the hydrolysis of the formed ECH (Figure 1.2.3), a 
reactive distillation column (RDC) was chosen for use in this scenario, as recommended by 
Dr. Hook.  A reactive column allowed for the reaction of remaining ⍺,ꞵ-DCH, while 

minimizing the potential hydrolysis of formed ECH. Fed into the column at a the top, RDC 
contacts remaining caustic soda solution with the slower reacting ⍺,ꞵ-DCH flowing down the 

column, while continually separating ECH formed from the flowing up the column. 

 To the advantage of this process, ECH and water experience an azeotrope that boils at a 

significantly lower temperature than the other reactants. This allowed for separation of heavy 

byproducts from the ECH and produced a distillate of majority ECH and water, suitable for 

being sent downstream. Additionally, the distillate stream should be exceptionally free of base, 
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greatly lowering risk of product hydrolysis. Shown below in Figure (4.3.1) is a phase diagram for 

the epichlorohydrin and water on a mass basis, produced by Aspen Plus 

 

 
Figure 4.3.1: Water and epichlorohydrin phase diagram, including azeotrope at 74wt% ECH. 

 

Exiting the bottoms of the column is a mixed waste water stream, containing the 

hydrolysis products and other heavy impurities, saturated with NaCl from the 

dehydrohalogenation reaction to form ECH. The RDC is also fed with a recycle from the 

downstream decanter. This recycled stream is chiefly water and ECH and is fed at the same stage 

as the mixing PFR product stream, allowing for additional separation of the stream without 

necessitating another piece of equipment.  

Researchers at Dow Chemical [P.4] were able to achieve up to a 97% yield of ECH from 

fed glycerol, utilizing a counter-current stream of steam to: (1) strip fed and formed ECH from 

the liquid phase, and (2) maintain a pH as close as possible to neutral to minimize hydrolysis. 

Differing from the aforementioned patent, the feed to the RDC contained considerably more 

water. This alleviates the need for counter current stripping steam input into the column. Initial 

specifications of temperatures, pressures, and internals for the RDC were sourced from Dow 

Chemical [P.4], with further modeling and studying of the unit within Aspen Plus. Shown below 

in Table (4.3.1) is a comparison of specifications between Fan et. al [P.4], and the RDC model 

from Aspen, which achieved an ECH recovery in the distillate of 97.5% 

 



57 

 

 
Figure 4.3.2: Concentration profiles along RDC of (A) Epichlorohydrin, (B) ⍺,ꞵ-DCH. As shown, 

below stage 4, ECH concentration becomes negligible. ECH concentration increases nearly 10 times 
from the feed to the distillate. Very little ECH moves down the column available for hydrolysis. 
 

Table 4.3.1: Reactive Distillation Column Specifications  

Parameter Value  Units 

Column 

Operating 

Pressure 

4.0  Bar 

Reboiler 

Temperature 

158.9 ℃ 

Condenser 

Temperature 

129.6 ℃ 

Number of 

Equilibrium 

Stages 

12 Unitless 

Feed Stage 3 Unitless 

Reflux Ratio 0.4 Unitless 

Boilup Ratio 0.6 Unitless 

 

In Aspen Plus, a RadFrac unit was used to simulate the reactive distillation column using 

the UNIQUAC fluids package. Compared to Fan et. al. [P.4] with a stated operating temperature 

of 110℃ or less, the RDC operates at up to 160℃. This was necessary due to the high activation 

energy required for conversion of ⍺,ꞵ-DCH to ECH. As a result, the reboiler and condenser must 

be run at higher pressure to maintain a liquid output at the elevated temperatures. The number of 

stages was optimized around getting a maximum flow rate of ECH out of the distillate, having 
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kept the inputs constant. Lowering the number of stages decreased hydrolysis potential, but 

provided a worse separation of ECH. Increasing the number of stages gave a more effective 

separation throughout the entire column, but decreased the total flow rate of ECH in the 

distillate. The maximum ECH distillate flow rate was found at 12 stages fed on stage 3, 

compared to the patent given [P.4] specifications of 8 total stages with a feed at stage 2. 

 

 
Figure 4.3.3: ASPEN Plus Reactive Distillation Column (A) Configuration, (B) Schematic 

design, (C) Stream results. Full Aspen stream notation available in Table 6.2.1. 

Equipment cost and sizing for the reactive distillation column was done via the Cost 

Formulas spreadsheet provided by Dr. Weimer. The corrosive sodium hydroxide feed 

necessitated two material design choices. The column was determined to use packing instead of 

trays due to the corrosive potential of the sodium hydroxide feed. Within Aspen Plus, column 

internals can be specified, porcelain was chosen as a material due to its relatively low cost and 

alkaline chemical resistance. Additionally, nickel alloy is used in the construction of the column, 

providing enhanced long term resistance to the alkaline conditions compared to a stainless or 

carbon steel As previously determined, 12 stages were to be used for the column. Using a 

standard value of HETP of 0.3048 m, a total column height was calculated to 3.657 m. 

Specifying a standard height to diameter ratio of the trays of 1.8, a column diameter of 0.3048 m 

was calculated. Material and sizing results are shown below. 

 

Table 4.3.2: Reactive Distillation Column Sizing and Materials 
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Parameter Value  Units 

Column 

Height 

3.65 m 

Column 

Diameter 

0.457 m 

HETP 0.3048 m 

Number of 

Equilibrium 

Stages 

12 Unitless 

Maximum 

Pressure 

Rating 

1035 kPa 

Packing 

Material 

Porcelain  Unitless 

Construction 

Material 

Nickel 

Alloy 

Unitless 

 

4.4 1st Purification Column 

 Flowing to the next stage of the process is a stream that is sufficiently concentrated in 

epichlorohydrin, but still containing a substantial amount of water, along with contamination 

from hydrolysis products. Still needing to increase the purity to the level specified by Dow 

Chemical of 99.97% (mass basis), another purification column is used. The goal of this column 

was to remove the water and more volatile impurities from the ECH. Modeling and simulation of 

this unit was done in Aspen Plus, utilizing a shortcut column for initial specifications, followed 

by a full simulation using a RadFrac unit with the UNIQUAC fluids package. To reduce the 

bottoms composition to less than 0.1% water, a 99.7% recovery of water in the distillate is 

specified. Using the Winn Method, Aspen estimated the minimum number of stages to be 5. The 

number of stages was adjusted and its effect on the recovery of ECH in the bottoms, as well as 

impunity concentration was tracked. It was determined that increasing the number of stages to 9 

gave the largest increase in ECH recovery, and increasing stages anymore lead to much smaller 

yield increases. Additionally, the shortcut column used the Gilliland correlation to calculate the 

required reflux ratio for 9 stages, in this case about 1.55. 

 

Table 4.4.1: 1st Purification Column Specifications  

Parameter Value  Units 

Column 

Operating 

Pressure 

4.5 Bar 
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Reboiler 

Temperature 

148.3 ℃ 

Condenser 

Temperature 

175.4 ℃ 

Number of 

Equilibrium 

Stages 

9 Unitless 

Feed Stage 1 Unitless 

Reflux Ratio 2.0 Unitless 

Bottoms to Feed 

Ratio 

0.65 Unitless 

 

Having used the specifications of the shortcut column as a starting point, a RadFrac unit 

was put in its place for the full simulation. The number of stages and reflux ratio were again 

inputs, with an additional input chosen as bottoms to feed ratio. The reflux ratio was adjusted to 

2.0 up from 1.55. This was found to decrease the total flow rate of distillate from the column, a 

stream that still contained considerable amounts of ECH. In order to find the optimal bottoms to 

feed ratio, the parameter was adjusted by 0.05 and the effect on the ECH bottoms concentration 

was observed. It was determined to get the best separation and retain as much ECH as possible, a 

bottoms to feed ratio of 0.65 is ideal. The full column was able to reach a 76.8% recovery of 

ECH in the bottoms. However ECH in the distillate is not lost to waste, and is instead returned to 

the reactive distillation column for further separation.  

 
Figure 4.4.1: Epichlorohydrin (green) and water (blue) concentration profiles along the column.  
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Fed on stage 1, the concentration of water decreases substantially with each stage until 

stage 6, with the remaining three stages decreasing in water content much less until it is below 

0.1%. Epichlorohydrin concentration reaches a maximum at stage 8, the last stage above the 

bottoms and reboiler of the column. The reason for this is likely due to the concentration of 

heavy byproducts in the liquid phase in the lower stages of the column. Running at an elevated 

pressure and below the boiling temperature of these compounds results in a majority of these 

compounds ending up in the bottoms outlet of this column. 

 

 
Figure 4.4.2: ASPEN Plus 1st Purification Column (A) Inputs, (B) Schematic design, (C) Stream 

results. Full Aspen stream notation available in Table (6.2.1). ECHBOT2 is a recycle stream 

from the next downstream purification column. 

Equipment cost and sizing for the 1st ECH purification column was done via the Cost 

Formulas spreadsheet provided by Dr. Weimer. Trays were determined to be sufficient to handle 

the compounds within the feed stream: chiefly water and epichlorohydrin, along with several 

hydrolysis products. Additionally due to the reduced overall cost and simplicity of design, sieve 

trays are chosen over other designs such as bubble caps. Stainless steel is chosen as the material 

of construction for the construction of the column as well as the trays, showing excellent 

chemical resistance to water and chlorinated organics. As previously determined, 9 stages were 

to be used for the column. A tray height to diameter is specified, attempting to reach a total 

column height to diameter ratio of 20, as given by Linninger et. al[4.4.1]. With 9 stages, this 

provides an optimal tray height to diameter ratio of 2. Using the above information, column 

dimensions were determined, used later in the pricing of the column.  
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Table 4.4.2: 1st Purification Column Sizing and Materials 

Parameter Value  Units 

Column Height 36 m 

Column Diameter 2 m 

Tray 

Height/Diameter 

Ratio 

18 Unitless 

Number of 

Equilibrium 

Stages 

9 Unitless 

Maximum 

Pressure Rating 

1035 kPa 

Tray Material Stainless 

Steel 

Unitless 

Construction 

Material 

Stainless 

Steel 

Unitless 

 

4.5 ECH Design Setbacks  

  Several setbacks occurred during the design of the second reaction sequence. First of 

which was the fluids package handling within Aspen. The entire of the first reaction sequence 

was operating using the NRTL fluid package to best model the azeotropic behavior of ⍺,𝛾-DCH , 

⍺,ꞵ-DCH, HCl, and water. However as the second reaction sequence utilizes an ionic base, an 

electrolyte system is being managed. As a result, the electrolyte wizard within Aspen Plus is run 

to generate components and dissociation reactions. The fluids package was changed to NRTL for 

electrolyte handling as well. It is important to note that an additional section within the Aspen 

Plus flowsheet simulation is required, as using the ELECNRTL fluids package for the equipment 

in the first reaction sequence leads to non-convergence of the Aspen simulation. The next 

setback during the ECH design was the azeotrope considerations within Aspen Plus for the 

reactive distillation column.  As stated above, ELECNRTL is the optimal fluids package to use 

for the NaOH system. However, the epichlorohydrin and water azeotrope parameters within 

ELECNRTL makes it not suitable for modeling the separation accurately. As a result, the 

UNIQUAC fluids package is used to achieve the desired azeotropic behavior for the column.  

 An additional setback occurred during the sizing of the reactive distillation column. Since 

this column utilizes packing, the HETP method was used to determine sizing specifications. 

However, with all information provided from the previous semester design slides, this method 

was producing column dimensions with a diameter much larger than the height. This would 

likely not be realistic or lead to a favorable separation. As a result, HETP calculations were 

bypassed and a standard HETP of 1 ft (0.3048 m) was used instead for the sizing. 
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 Another setback that was encountered during the design of the ECH reaction sequence 

was Aspen’s handling of multiple fluid phases. During simulation when Vapor-liquid-liquid 

models are chosen for the mixing PFR the simulation will not complete without errors in results. 

As a result, within Aspen the specified valid phases must be set to liquid-only.  

 Setbacks in the coded MATLAB simulation were also encountered. Due to the limited 

amount of information available concerning mass transfer and mixing due to two-impingement 

jets. It was understood that the impinging jets would result in heavily turbulent fluid flow, 

however mass transfer due to turbulence was discovered to be dependent on many flow 

parameters which are not categorized for the specific species in the mixing PFR. It was 

discovered that mass transfer due to micromixing occurs via diffusion, and this was the basis of 

the Fickian Diffusion assumption used in the MATLAB model. Notably, diffusion that occurs in 

a turbulent flow regime can be modeled either theoretically via mass transfer equations which 

depend on three-dimensional species balances or via experimentally derived mass balances that 

depend on flow characteristics specific to the stream composition and conditions. Application of 

the former proved impossible given the iterative nature of the MATLAB simulation, and 

application of the latter was impossible without laboratory experimentation. However, it was 

important that mass transfer in the dehydrochlorination mixing PFR was modeled in some 

respects because it was understood that the reaction of ⍺,𝛾-DCH to ECH was mass transfer 

limited, and that conversion was to take place in the mixing PFR. 

 

5 Cumulative Process Development and Completion 

5.1 Process Improvement  

 At this point, equipment was accumulated for all of the major unit operations that were 

known going into this process since their necessity could be deduced from available literature. 

Along the way in compiling these units, holes in the overall process were identified and the need 

for further installations was acknowledged. Below is a compiled PFD showing the progress made 

up to before the additions were implemented (Figure 5.1.1): 



64 

 

 
Figure 5.1.1: Progressed overall PFD containing (A) DCH reaction scheme and (B) ECH 

reaction scheme. 

 It was recognized that there were significant deficiencies in this design across the PFD, 

and so several different units were designed and implemented such as a glycerol separation 

chain, DCH column decanter, heat exchangers, pumps, and further ECH purification columns. 

These equipment were either deemed directly necessary to the completion of the process or 

substantially compelling from an economical standpoint. 

 

5.2 Glycerol Flash Drum 

Market research of available forms of our reactants made it clear that for biodiesel-

production-derived glycerol, purifying a feedstock from crude glycerol would be advantageous. 

Glycerol is sold in a few distinct purities: USP grade, technical grade, and crude [5.2.1]. USP 

grade being the highest, it is 97% or greater purity of glycerol, technical grade consists of 95% 

pure glycerol, and crude glycerol varies in purity depending on the seller (purities were reported 

by mole). All these grades of glycerol feed have water as the primary impurity, but biodiesel-

byproduct glycerol is in most cases sold as crude glycerol with minimal purification from the 

seller. 

Due to the low costs of crude glycerol compared to the higher grades, and the ease of 

separating glycerol from water, a separation process to purify feedstock of glycerol was 

implemented. Starting from an assumed (minimal deviation) feed of 80% glycerol and 20% 

water, as could be sourced from Univar Solutions  [5.2.1], it was desired for the purified feed of 

glycerol to be up to 95% (by mol) glycerol with 5% water impurity, which is more pure than 

assumed in the material balance spreadsheet calculations. Purification of glycerol up to this 

standard was in fact so energy-efficient that it could be carried out in an Aspen Plus simulation 
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with just a flash drum. Knowing the feed stream to the process was more pure than in the 

material balance, it was deduced that the process simulation was started with an overestimation 

of glycerol flow. Using an equilibrium separator flash drum in Aspen Plus would in reality 

translate to a boiler held at constant temperature, which would have a much lower utility cost 

compared to a whole distillation tower to reach a higher purity of glycerol. It was determined 

with the feed flow rate and physical properties from the cumulative Aspen Plus simulation that a 

31.4 cubic meter flash drum would be sufficient for the volumetric flow rate of purified glycerol 

to be fed to this process. While this unit would require further investment into this process on top 

of the other process equipment, the year-over-year savings from buying crude glycerol compared 

to a technical or USP grade greatly outweighed the cost associated with this flash drum.  

 

Table 5.2.1: Fed Glycerol Flow Rates Around Flash Drum 

Stream Name Total Molar Flow 

(kmol/hr) 

Mole Fraction 

of Glycerol 

Mole Fraction 

of Water 

Crude Glycerol 192 0.8 0.2 

Purified Glycerol 152 0.944 0.056 

Waste Water 1 39 0.238 0.762 

 

 

5.3 Heat Exchangers 

Heat exchangers (other than the reboiling and condensing units associated with 

distillation columns) were required at a couple of points in this process. Specifically, heat 

exchangers were placed on either side of the ECH reaction scheme decanter, to ensure that phase 

separation and ECH purification could both occur at the respective optimum temperatures. The 

first of these heat exchangers heats the process stream up and the second (after the decantation) 

cools the process stream down.  

These two heat exchangers were modeled mathematically using the heat duty for 

temperature change calculated by the cumulative Aspen Plus simulation rigorously and modeled 

as one shell pass, two tube pass heat exchangers (see Figure 5.3.1). The size and utilities of the 

condensers and reboilers associated with the various distillation columns of this process were 

also calculated, but this was done in a less rigorous mathematical model of the energy balances, 

which is similar to the preliminary calculation used for the heating heat exchanger. All the 

aforementioned heat transfer process unit calculations were accomplished using spreadsheets 

where the heat exchangers were assumed to be shell-and-tube heat exchangers. It is worth noting 

that these calculations were done in the SI and imperial unit systems because Aspen Plus is able 

to output values of heat duty in both and most of the parameters taken from the textbook sources 

were only available in imperial units. The unit exchange done from system to system was 

consistently performed and compared with much scrutiny. Heuristics used in these calculations 

were taken from tables in chapter six of Product and Process Design and Principles: Synthesis, 

Analysis and Evaluation [5.3.1]. Other pertinent information was found in chapter twelve of the 

same textbook.  
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Figure 5.3.1: 1-2 Shell and Tube Heat Exchanger Schematic. Both the cooling and heating heat 

exchangers were implemented as 1-shell-pass and 2-tube-pass heat exchangers. Additionally, 

the models of the reboiler and condenser units were assumed to be 1-2 shell and tube heat 

exchangers. This figure illustrates the need for the correction factor in modeling these units 

because the fluids flow past each other in countercurrent and concurrent directions, the 

correction factor adjusts the heat transfer to account for the flow non-idealities that would 

negatively affect heat transfer. 

 

The first step in the design of the heating and cooling heat exchangers was to select 

cooling and heating utilities based on the valid temperature ranges for different utilities, Table 

12.1. The utilities chosen for the heating and cooling heat exchangers were condensing steam 

and chilled brine respectively. These were chosen because the outlet process stream temperature 

was within the valid temperature ranges by a large margin so that minimum approach 

temperatures could be met at the process stream outlet side of both units. Minimum approach 

temperatures were selected in both cases based on heuristic 26, which compared the temperature 

of the process stream to ambient temperature conditions. A twenty degree Fahrenheit minimum 

approach temperature was selected for the heating heat exchanger and a ten degree Fahrenheit 

minimum approach temperature was selected for the cooling heat exchanger. The minimum 

approach temperatures were applied to the outlet of the utility streams with a guess of 

temperature change in both cases so that the adiabatic energy balance around both heat 

exchangers could be completed. After evaluation of the energy balance (Equation 5.3.1 for the 

heating heat exchanger and Equation 5.3.2 for the cooling heat exchanger) to establish the 

required mass flow rate of utility, the two calculation methods diverged slightly. 
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𝑄 =  𝑚𝑠𝑡𝑒𝑎𝑚𝐻𝑣𝑎𝑝 =  𝑚𝑝𝑟𝑜𝑐𝐶𝑝,𝑝𝑟𝑜𝑐(𝑇𝑝𝑟𝑜𝑐,𝑜𝑢𝑡 − 𝑇𝑝𝑟𝑜𝑐,𝑖𝑛)                                                        (5.3.1) 

𝑄 =  𝑚𝑏𝑟𝑖𝑛𝑒𝐶𝑝.𝑏𝑟𝑖𝑛𝑒(𝑇𝑏𝑟𝑖𝑛𝑒,𝑖𝑛 − 𝑇𝑏𝑟𝑖𝑛𝑒,𝑜𝑢𝑡) = 𝑚𝑝𝑟𝑜𝑐𝐶𝑝,𝑝𝑟𝑜𝑐(𝑇𝑝𝑟𝑜𝑐,𝑜𝑢𝑡 − 𝑇𝑝𝑟𝑜𝑐,𝑖𝑛)            (5.3.2) 

The cooling heat exchanger was specified using an assumed brine temperature change of nine 

degrees Fahrenheit. The heat capacity and density of chilled brine in the heat exchanger was 

assumed to be equal to the heat capacity and density of the same composition brine (20% by 

weight of NaCl) at twenty degrees Celsius, as this was the information that was readily available 

[ 5.3.2]. This heat exchanger was modeled the most rigorously using the FT correction factor 

method which involved using the inlet and outlet stream temperatures to calculate the log mean 

temperature difference in the heat exchanger. The correction factor was then calculated by first 

using the stream inlet and outlet temperatures to determine factors R and S, which were used in 

Equation 5.3.7) to calculate FT for this system, which assumed a one-shell-pass and two-tube-

pass shell-and-tube heat exchanger geometry. The correction factor was calculated to be 0.867, 

which being greater than 0.85, was acceptable for this design.  

𝑄 = 𝑈𝐴𝐹𝑇∆𝑇𝑙𝑚                                                                                                                                     (5.3.3) 

∆𝑇𝑙𝑚 =  
∆𝑇𝑝𝑟𝑜𝑐−∆𝑇𝑏𝑟𝑖𝑛𝑒

𝑙𝑛 (
∆𝑇𝑝𝑟𝑜𝑐

∆𝑇𝑏𝑟𝑖𝑛𝑒
)

                                                                                                                            (5.3.4) 

𝑅 =  
𝑇𝑝𝑟𝑜𝑐,𝑖𝑛−𝑇𝑝𝑟𝑜𝑐,𝑜𝑢𝑡

𝑇𝑏𝑟𝑖𝑛𝑒,𝑜𝑢𝑡−𝑇𝑏𝑟𝑖𝑛𝑒,𝑖𝑛
                                                                                                                            (5.3.5) 

𝑆 =  
𝑇𝑏𝑟𝑖𝑛𝑒,𝑜𝑢𝑡−𝑇𝑏𝑟𝑖𝑛𝑒,𝑖𝑛

𝑇𝑝𝑟𝑜𝑐,𝑖𝑛−𝑇𝑏𝑟𝑖𝑛𝑒,𝑖𝑛
                                                                                                                            (5.3.6) 

𝐹𝑇 =  
√𝑅2+1∙𝑙𝑛 (

1−𝑆

1−𝑅𝑆
)

(𝑅−1)∙𝑙𝑛[
2−𝑆(𝑅+1−√𝑅2+1)

2−𝑆(𝑅+1+√𝑅2+1)
]

                                                                                                                (5.3.7) 

 The heat exchanger surface area required was determined by solving Equation 5.3.3 for 

the surface area term. The heat transfer coefficient was first determined by using table 12.5 from 

Product and Process Design and Principles: Synthesis, Analysis and Evaluation [5.3.1]. 

Assumptions were made in order to make use of this table, in the case of this cooling heat 

exchanger the heat transfer coefficient was assumed to be the same as a shell-and-tube heat 

exchanger system where jacket water is present on the shell side and water present on the tube 

side. The required heat exchange area, which is equal to the surface area of the heat exchanger, 

was calculated to be 63.4 square meters, which was needed in order to price the major heat 

exchange units.  

 The final modeled aspects of both the heating and cooling heat exchanger was the tube 

placement, number, and fluid velocities in the shell-and-tube heat exchanger based on heuristics 

and pertinent tabulated values. Given the required mass flow rates of utilities, and tabulated 

values of tube inner and outer diameters, which depend on birmingham wire gauge, number of 

tubes required and other parameters were determined. These parameters were chosen mostly via 

guess and check, looking for a combination of parameters that allowed a tube fluid velocity of 

less than ten feet per second, but even more desirable, between three and five feet per second. 

Tube parameters were determined from tabulated values in Table 12.3 from Product and Process 
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Design and Principles: Synthesis, Analysis and Evaluation [5.3.1].The total surface area required 

was divided by the surface area of a singular tube (dependent on tube outer diameter) of given 

specifications to determine the number of tubes required. Then that number of tubes multiplied 

by the cross sectional area of a single tube (dependent on the inner tube diameter) yielded total 

cross sectional area, which when used to divide the volumetric flow rate of process fluid yielded 

the fluid velocity on the tube side. Heuristic 54 offered a starting point for this guess and check 

method, starting with a tube outer diameter of three quarter inches and a starting length of 16 

feet. Other pertinent shell-and-tube heat exchanger model parameters like shell diameter, baffle 

cut, and tube layout were determined arbitrarily with heuristics. This process was done for both 

the heating and cooling heat exchangers but not for the reboiler and condenser units.  

 

Table 5.3.1: Shell and Tube Heat Exchanger Design Specifications 

Specification Cooling Heat Exchanger Heating Heat Exchanger 

Heat Duty -17,526,064 BTU/hr 3,262,563 BTU/hr 

Utility Chilled Brine (20% wt salt) Sat. Steam (277 ℃, 0.3 MPa) 

Utility mass flow rate 183 kg/s 0.442 kg/s 

Number of Tubes Required 174 20 

Tube O.D., I.D., and BWG 0.75 in, 0.641 in, 12 gauge 1.5 in, 1.4 in, 18 gauge 

Tube Length 20 ft 8 ft 

Velocity in Tube 1.00 ft/s 7.63 ft/s 

Tube Layout and Pitch Triangular layout, 1 in pitch Square layout, 2 in pitch 

Shell Inner Diameter 48 in 19 in 

 

The reboiler and condenser units were sized and their utilities estimated using a similar method 

to the heating heat exchanger placed after the decanter. This was necessary for pricing of these 

units and utilities to be accurate. It was desirable that these units used saturated steam 

(condensing or vaporizing if heating or cooling was required, respectively) that only experienced 

phase change so that the energy balance calculations could be carried out in the same way they 

were for the heating heat exchanger, denoted in Equation 5.3.1. It is common for chemical 

processing plants to have access to a couple of different temperatures and pressures of saturated 

steam, which would have distinct heats of vaporization. For the reboiler and condenser units, the 

units that required the highest heat transfer used higher pressure steam in order to minimize the 

required heat transfer area and utility flow rate due to the higher heat of vaporization. For both 

the heating heat exchanger and the reboiler and condenser units, saturated steam conditions were 

taken from tabulated values in Introductory Chemical Engineering Thermodynamics [5.3.3]. The 

heat transfer coefficients of these units were estimated from the same Table 12.5 used for the 

cooling and heating heat exchangers. Utility mass flow rate required was determined by dividing 

the heat duty of a given unit (provided by the cumulative Aspen Plus simulation) by the heat of 
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vaporization of the saturated steam. Then dividing the heat duty by the mean temperature change 

and the assumed heat transfer coefficient yielded the required heat transfer area for a singular 

unit.  

 

Table 5.3.2: All Heat Exchange Unit Basic Specifications 

Unit Name Heat Duty 

(BTU/hr) 

Utility Steam T and 

P (℃ and MPa) 

Utility Mass 

Flow rate (kg/s) 

Surface Area 

Required (ft2) 

DCH Purifying 

Reboiler 

28,688,948 133.52 ℃, 0.3 MPa, 

condensing 

3.87 1338 

DCH Purifying 

Condenser 

-31,494,070 133.52 ℃, 0.3 MPa, 

vaporizing 

4.27 647.0 

ECH Reactive 

Reboiler 

128,044,040 400 ℃, 0.2 MPa, 

condensing 

11.5 1434 

ECH Reactive 

Condenser 

-100,593,699 400 ℃, 0.2 MPa, 

vaporizing 

9.00 4762 

ECH Purifying 

Reboiler 1 

10,349,265 133.52 ℃, 0.3 MPa, 

condensing 

1.40 1078 

ECH Purifying 

Condenser 1 

-8,824,345 400 ℃, 0.2 MPa, 

vaporizing 

0.789 1495 

ECH Purifying 

Reboiler 2 

7,335,798 133.52 ℃, 0.3 MPa, 

condensing 

0.994 8580 

ECH Purifying 

Condenser 2 

-7,773,439 400 ℃, 0.2 MPa, 

vaporizing 

0.695 4546 

 

Table 5.3.3: Heat Exchanger Nomenclature 

Variable Units Notes 

Q kW or 

BTU/hr 

Heat duty of unit, output of cumulative Aspen 

Plus simulation. 

mi kg/hr or lb/hr Mass flow rate of component i. 

Hvap kJ/kg or 

BTU/lb 

Heat of vaporization of steam. Heat is 

transferred away from the steam stream when 

condensing and transferred to the steam 

stream when vaporizing. 

Ti,dir ℃ or °F Temperature of stream i either entering or 

leaving the heat exchanger, as denoted by dir 
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being in or out. 

Cp,i J/mol-K or 

J/kg-K or 

BTU/mol-°F 

Heat capacity of stream i, could be on a basis 

of moles or mass of stream. 

U J/K-m2-hr or 

BTU/°F-ft2-hr 

Overall heat transfer coefficient, which is 

dependent on stream species exchanging heat 

as well as heat exchanger material of 

construction. 

A m2 or ft2 Surface area of heat transfer 

FT unitless Geometric correction factor, most desirable 

between values of 0.85 and 1. 

∆𝑇𝑙𝑚 ℃ or °F Log-mean temperature difference, the driving 

force of heat transfer between the shell and 

tube streams. 

∆𝑇𝑖 ℃ or °F Temperature difference of component i (inlet 

temperature subtracted from outlet 

temperature) 

R unitless R-factor, used to calculate FT using either an 

equation derived for the heat exchanger 

geometry or geometry-specific graphs that 

relate values of R and S to FT.  

S unitless S-factor, used to calculate FT using either an 

equation derived for the heat exchanger 

geometry or geometry-specific graphs that 

relate values of R and S to FT.  

 

5.4 Decanters 

 In addition to distillation and flash separation, it was advantageous for this process to 

separate streams via equilibrium phase separation. After DCH purification and ECH production, 

the species present in the same streams separate into two immiscible liquid phases. In both cases 

these phases are aqueous and organic in nature, the first organic phase predominantly made up of 

DCH, the second organic phase predominantly made up of ECH and both aqueous phases were 

dominated by water content. However, there was still significant water content in both DCH and 

ECH organic phases. 

 

Table 5.4.1: Decanter Stream Information 

Stream Name Mole Flow Rate 

(kmol/hr) 

Main Component Mole Fraction of 

Main Component 
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DCH DC Distillate 406 Water 0.680 

Aqueous DCH 207 Water 0.996 

Organic DCH 218 DCH 0.620 

Reactive DC Distillate 1967 Water 0.892 

Aqueous ECH 1731 Water 0.989 

Organic ECH 235 ECH 0.812 

 

 Both decanters, in order to price them, were modeled and sized as horizontal storage 

vessels with pricing criteria using parameters from the Vanderbilt Spreadsheet [7.2.1]. It was 

determined that 1110 cubic feet of capacity at an operating pressure of two bar would be 

sufficient to achieve the full separation of liquid phases in a real continuous gravitational 

decanter, so those specifications were used to price the decanters as horizontal storage tanks. It 

was determined that the DCH decanter be constructed of stainless steel because of negligible 

corrosivity of components leaving the DCH purification column, however the ECH decanter 

should be constructed with nickel alloy because the reactive distillation column could allow 

significant amounts of caustic soda to exit in the distillate stream, which year over year would 

corrode a stainless steel construction. These units would be operated horizontally in practice, the 

length being much longer than the diameter of the units so that the force exerted by the weight of 

the fluid on the bottom of the decanters would be distributed over a large area and not exceed the 

pressure rating of the vessels.  

 
Figure 5.4.1: Decanter Phase Separation diagram. Both the DCH and ECH decanters are fed 

distillate from respective distillation columns, the fluid separates into two immiscible liquid 

phases, an organic phase and an aqueous phase. In both decanters the aqueous phase is composed 

mainly of water while the organic phase in the DCH decanter is mainly composed of DCH and 
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the ECH decanter organic phase mainly composed of ECH. In both decanters the density of the 

organic phase is less than that of the aqueous phase, therefore the organic phase will separate out 

on top of the aqueous phase.  

 

 The DCH decanter was required in this process because the DCH purification distillation 

column before the decanter is only able to separate so much of the water. Water, DCH and HCl 

experience a ternary azeotrope in the distillation column, so while the distillate product contains 

significant amounts of DCH, the main component of that distillate stream is water. It was desired 

in the unit operation after the DCH decanter (the dehydrochlorination mixing PFR) that caustic 

soda be mixed with a significant amount of water, so separation of the DCH from the water of 

the distillate could supply the necessary water for the next reaction unit. After the 

dehydrochlorination mixing PFR was better understood, it was also clear that having a more pure 

organic phase stream of DCH fed to that unit would aid in the mass transfer of DCH from the 

organic phase to the aqueous phase, and would therefore also aid the reaction and production of 

the ECH product. 

 Similarly, the ECH decantation step was required for this process because in order to 

purify ECH to the desired 99.97%, water must be removed from the purification process at the 

beginning. ECH and water also experience a binary azeotrope, but this could be avoided to 

achieve higher purity of ECH (than azeotropic composition) if water content fed to a distillation 

column is less than the azeotropic amount. The majority of the water was removed by this 

decantation, however the main impurity in the stream of ECH at this point of the process was 

still water, which could be removed by separation train because the water content was less than 

azeotropic. Later, it was found that increasing the feed of water to the bottom of the reactive 

distillation column would benefit the production of ECH in that unit, so the aqueous stream 

removed via decantation was recycled to the reactive distillation column to act as stripping 

steam. Production of ECH is benefitted by additions of stripping steam from the bottom of the 

reactive distillation column by the increased flow of water, driving increased solubility of ECH. 

 

5.5 2nd Purification Column  

In order to hit the specified purity requirements of 99.97% (mass basis), another 

purification unit must be used. Although the water content has been reduced to less than 0.1% in 

the previous purification column, there is still notable contamination from the heavy hydrolysis 

byproducts. Design of this column was done in a similar method as the previous ECH 

purification column. Within Aspen Plus, another shortcut column is used for initial estimations 

of column specifications. To achieve 99.97% purity of the ECH distillate stream, a recovery of 

80% is specified. Significant increases beyond 80% ECH recovery in the distillate lead to a 

deteriorating separation, necessitating another separation unit downstream. Using the Winn 

Method, Aspen estimated the minimum number of stages to be 8, however this was raised to 10 

to increase purity. Additionally, the shortcut column used the Gilliland correlation to calculate 

the required reflux ratio for 10 stages of 0.8. These two inputs were used for the full simulation 

of the column using a RadFrac unit. RadFrac also requires an additional parameter: chosen for 

this case was the boil up ratio. Initial estimates for the boil up ratio started at 2, but this was 

adjusted throughout to maximize purity and yield of ECH.  

 

Table 5.5.1: 2nd Purification Column Specifications  

Parameter Value  Units 
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Column Operating 

Pressure 

4 Bar 

Reboiler Temperature 185.4 ℃ 

Condenser 

Temperature 

156.5 ℃ 

Number of 

Equilibrium Stages 

12 Unitless 

Feed Stage 8 Unitless 

Reflux Ratio 0.8 Unitless 

Boilup Ratio 6 Unitless 

  

The number of stages in the column was increased from 9 to 12 to achieve the desired 

purity of the distillate stream. The reflux ratio was however not adjusted as raising it greatly 

increased the ECH lost to the bottoms while lowering it yielded an inadequate separation. 

Running at a boilup ratio of 2, a significant portion of the output exits the bottoms. The bottoms 

stream is concentrated in ECH enough to represent a significant yield loss, but still not near pure 

enough for sale. To help rectify this, the boilup ratio was increased incrementally to 6, lower 
the flow rate of the bottoms was significantly sparingly impacting the distillate purity. Also 
to note is that the bottoms stream contains a significant amount of ⍺,ꞵ-DCH. With the 

bottoms stream containing ECH that should be separated, and ⍺,ꞵ-DCH that should be 

reacted, this stream can be recycled back to the reactive distillation column. The 
implementation of this recycle stream not only helped increase overall yield, but also entirely 
eliminated an output waste stream for this process. The distillate stream produced is 80% 

recovery of 99.97 wt% ECH. 
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Figure 5.5.1: ASPEN Plus 2nd ECH Column (A) Inputs, (B) Schematic design, (C) Stream 
results. Recovery of ⍺,β-DCH in the bottoms stream of 99.89%, and recovery of ECH in the 

distillate reaches up to 80%. The ECH distillate stream is also at sufficient purity. 

 

Equipment cost and sizing for the 2nd ECH purification column was done exactly the 

same as the previous ECH purification column, via the Cost Formulas spreadsheet provided by 

Dr. Weimer. Trays were determined to be sufficient to handle the compounds within the feed 

stream: chiefly epichlorohydrin, along with several hydrolysis products and trace amounts of 

water. Additionally due to the reduced overall cost and simplicity of design, sieve trays are 

chosen over other designs such as bubble caps. Stainless steel is chosen as the material of 

construction for the construction of the column as well as the trays, showing excellent chemical 

resistance to water and chlorinated organics. As previously determined, 12 stages were to be 

used for the column. A tray height to diameter is specified, attempting to reach a total column 

height to diameter ratio of 21.6, as given by Linninger et. al [4.4.1]. With 12 stages, this provides 

an optimal tray height to diameter ratio of 1.8. Using the above information, column dimensions 

were determined, used later in the pricing of the column.  

Table 4.4.2: 1st Purification Column Sizing and Materials 

Parameter Value  Units 
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Column Height 43.2 m 

Column Diameter 2 m 

Column 

Height/Diameter 

Ratio 

21.6 Unitless 

Tray 

Height/Diameter 

Ratio 

1.8 Unitless 

Number of 

Equilibrium 

Stages 

9 Unitless 

Maximum 

Pressure Rating 

1035 kPa 

Tray Material Stainless 

Steel 

Unitless 

Construction 

Material 

Stainless 

Steel 

Unitless 

 

 

5.6 Pumps 

Pumps were chosen to be designed later in the process, after the final Aspen simulation 

had been converged, reached battery limit, and fully converged. The chosen pump design were 

centrifugal pumps, due to previous experience designing as well as availability of pump curves. 

It was determined that a total of 4 pumps would be needed for our process. One pump is needed 

each for the: CSTR recycle stream and reactive distillation column distillate output, as well as an 

additional two pumps for the mixing PFR. Three different pump systems were considered for 

each of the four pump requirements. All pump specifications and curves are provided by Fristam 

[5.6.1]. The main criteria for pump selection was the calculated efficiency of each system. Using 

the pump curves provided by Fristam, and the stream density from Aspen, brake horsepower 

(BHp), theoretical horsepower, and efficiency can be calculated as shown in Equations 5.6.1- 

5.6.3. 

 
𝐵𝐻𝑝 = 𝑀𝐻𝑝 ∗ 𝑆𝐺                    (5.6.1) 

𝑇𝐻𝑝 =  
𝑄∗𝛥𝑝

1714
                     (5.6.2) 

𝐸𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 =  
𝑇𝐻𝑝

𝐵𝐻𝑝
                     (5.6.3) 

One safety consideration was made at the same time as pump design: net positive suction 

head (NPSH). Essentially, there needs to be enough pressure at the inlet of the pump so as the 
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fluid does not flash to vapor and cavitate within the pump. Fristham pump curves have a 

secondary axis on which the NPSH required (NPSHR) at the inlet is plotted versus capacity. The 

NPSH available (NPSHA) can be calculated in Equations 5.6.4 and 5.6.5, given the inlet 

pressure, fluid velocity, inlet diameter, and fluid vapor pressure. These values can be obtained 

from Fristham pump specifications and Aspen stream properties. 

 

𝑁𝑃𝑆𝐻𝐴 =
𝑝𝑖

𝜌𝑔
+

𝑉𝑖
2

2𝑔
−

𝑝𝑣

𝜌𝑔
                                    (5.6.4) 

𝑉𝑖 =
𝑄

𝜋(
𝑑𝑖
2

)2
                                                                 (5.6.5) 

Pump 1 is used in the recycle leaving the bottoms of the DCH purification column 

entering the CSTR. The pressure of the stream must be raised to above that of the CSTR to 

ensure that there is no back flow through the recycle stream into the reboiler.. The pump curve 

for this selection, a Fristam 741,  is shown below in Figure 5.6.1. Note: the capacity and head 

values have rounded up for ease of use within pump curves. 

 
Figure 5.6.1: Pump curve for Fristam 741. Operating at the desired capacity (40 gpm) and head 

(60 ft), the best suited impeller diameter is 192 mm with a motor horsepower of 2 Hp. Shown in 

the bottom right is the NPSHR.- for this capacity, 4.5 feet of NPSH is required. 

 

Pumps 2a and 2b are used to pressurize each stream going into the mixing PFR. The 

DCH purification column that precedes the pump and mixing PFR is run at sub-atmospheric 
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pressure, so the pressure must be brought back up to more reasonable levels. Additionally, the 

mixing PFR utilizes opposing impingement jets on the inlet to promote mass transfer, so each of 

the streams flowing in must be pressurized to 5 Bar to achieve optimal performance. These two 

pumps were chosen to be grouped together in design as the capacity and head requirements for 

the streams were nearly identical: approximately 55 gpm and 125 feet of head. The same pump 

is chosen for both streams, a Fristam 3522, with the pump curve for this selection shown below 

in Figure (5.6.2).  Note: capacity and head values are rounded up for ease of use within pump 

curves. 

 

 
Figure 5.6.2: Pump curve for Fristam 3522. Operating at the desired capacity (65 gpm) and 

head (130 ft), the best suited impeller diameter was 140 mm with a motor horsepower of 7.5 Hp. 

Shown in the bottom right is the NPSHR- for this capacity, 24 feet of NPSH is required. 

 

Pump 3 is the final pump used in the process, prior to the ECH purification section.The 

stream leaving the condenser of the RDC must be pumped from 4 bar to 4.5 bar minimum to 

reach the operating pressure of the first ECH purification column. Additionally, the pump must 

also provide enough pressure to the stream through the heat exchangers and decanters. The pump 

design for this system was slightly different. Due to the low capacity required for this stream, an 

array of 4 pumps in series was chosen, effectively reducing the head required for each unit by 
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four. This decision was made after observing the low efficiencies (25-30%) for single pump 

systems. Ultimately the choice of using four smaller pumps in series instead of a single large unit 

may be more expensive upfront, but will lead to overall economic savings in the long term with 

electricity costs. Shown below is the pump curve for the given selection: 4 Fristam 3531s. 

NPSHA for this pump is very large due to the high inlet pressure of the pump. Note: capacity and 

head values are rounded up for ease of use within pump curves. 

 

 
Figure 5.6.3: Pump curve for Fristam 3531. Operating at the required capacity (80 gpm) and 

25% of the required head per unit (40 ft), the best suited impeller diameter was 160 mm with a 

motor horsepower of 1.5. Shown in the bottom right is the Shown in the bottom right is the 

NPSHR - for this capacity, 6 feet of NPSH is required. 

 

Using the above equations and figures, pump specifications were compiled as seen in the 

table below, summarizing all pertinent information for the four pumps. A full comparison of all 

12 considered pump systems with their calculations and specifications compared can be found in 

Appendix A. 

 

Table 5.6.1: Summary of Pump Specifications 
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Parameter Pump-1 

Value 

Pump-2a 

Value 

Pump-2b 

Value 

Pump-3 

Value 

Units 

Pump Model 3541 3522 3522 3531 (x4 

in series) 

(provided by 

Fristam) 

Inlet Pressure 0.028 

(0.406) 

0.015 

(0.217) 

0.015 

(0.217) 

4 Bar 

(psi) 

Outlet Pressure 1.50 

(21.7) 

5.00 

(72.5) 

5.00 

(72.5) 

8 Bar 

(psi) 

Head Required 17.1 

(55.9) 

38.2 

(125) 

38.2 

(124) 

43.9 

(144) 

m 

(ft) 

Capacity Required 0.822 

(217) 

0.209 

(55.4) 

0.190 

(50.4) 

0.270 

(71.4) 

m3/min 

(gpm) 

BHp 1.76 4.656 4.656 1.39 Hp 

THp 0.498 2.741 2.53 0.677 Hp 

Efficiency 63.67% 58.89% 54.36% 48.64% Unitless 

Impeller Diameter 195 140 140 160 mm 

Inlet Diameter 2.5 3 3 2.5 in 

NPSHR 4.5 24 24 6 ft 

NPSHA 4.86 40.6 34.5 127 ft 

 

Table 5.6.2: Pump Design Variables  

Variable Units Notes 

MHp Hp Motor Horsepower 

BHp Hp Brake Horsepower 

THp Hp Theoretical Horsepower 

Q gpm Volumetric Flow Rate 

di in Pump Inlet Diameter 

Δp psi Pressure Change 

pi psi Inlet Pressure 
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pv psi Vapor Pressure 

⍴ lb/ft3 Fluid Density 

Vi ft/s Average Fluid Velocity 

SG Unitless Specific Gravity 

NPSHA ft Net Positive Suction 

Head Available 

NPSHR ft Net Positive Suction 

Head Required 

 

 

6 Finalized Process 

6.1 Cumulative Process Flow Diagram 

After preliminary development of the DCH and DCH reactions schemes as well as the 

missing equipment listed in the previous section, a cumulative file displaying all of the relevant 

units was developed and is shown below in Figure 6.1.1: 

 
Figure 6.1.1: Overall Process Flow Diagram. Units in Red and Streams Non-colored 

 

6.2 Cumulative Aspen Simulation  

 Aspen Plus is an industry-trusted software and so it was used in conjunction with other 

platforms to model this process as accurately as theoretically possible. For some equipment it 

was used as mere confirmation of expected behavior while other equipment it was the sole 

determinant in such design. Aspen references have been made throughout this report for 

individual unit operations in one or both of two scenarios: equipment could have been simulated 

individually or cumulatively. At the initial stages of the project, there was skepticism about how 
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accurately this simulation software could predict the process of interest. These fears were 

validated on several occasions but the overall results of this process were deemed successful. 

 The first concern was how well the reactors, that is the Hydrochlorination CSTR and PFR 

as well as the Mixing PFR and Reactive Distillation Column could be simulated with the 

plethora of reaction rates. There was initial turbulence in entering the kinetics of the 

Hydrochlorination and Dehydrochlorination/hydrolysis due to Aspen's unique custom equation 

option but eventually the equations were formatted properly for Aspen to compute. The next 

concern with the reactors, particularly for the Hydrochlorination CSTR with liquid glycerol and 

gaseous hydrogen chloride as well as the Mixing PFR with organic and aqueous DCH streams , 

was modeling the mass transfer that would occur between the respective two phases. It was 

discovered that mass transfer can only be considered with a user-defined subroutine which we 

were advised from discussion with Dr. Clough would require a significant amount of time given 

the lack of experience with such software. The reactors were thus modeled using solely the 

kinetic equations provided from literature. Any mass transfer design was done externally and 

results were compared with that of Aspen to scale how accurate the Aspen simulation was. The 

primary goal of the reactors was to hit conversion and so that is what each reactor that was 

implemented into Aspen was done so for. Volumes and even dimensions were changed to from 

what was theoretically derived with software such as MATLAB for the sake of keeping 

conversion and the outputs of those reactors in line with what was predicted from literature. 

 The columns were perhaps the most interesting component of the Aspen simulation as 

distillation columns are much more difficult than reactors to theoretically model from the ground 

up and should thus be simulated using software rather than mathematical predictions. Column 

sizing estimations are possible but become much more complicated with more components and 

with azeotropes between those components. The azeotropes were the most challenging aspect of 

this project as alluded to by the prompt because Aspen was not able to implement all of them 

column simulations, that is there was no data on how particular solutions separated. To recap, the  

azeotropes of interest were: 

  

● DCH with Water 

● HCl with Water 

● DCH with Water, HCl 

● ECH with Water 

 

Aspen had data for every azeotrope except the ternary azeotrope between DCH, water, and HCl. 

The first three azeotrope listed were relevant in the DCH Purification Column while the last was 

applicable for the ECH Reactive Distillation Column.  For the DCH column, the ternary 

azeotrope was used for advising the preliminary sizing of the column in conjunction with the 

boiling points for selecting light and heavy keys. Upon failure to implement the characterization 

of the ternary azeotrope into Aspen, the binary azeotrope between DCH and water was used 

which resulted in good recovery of ⍺,𝛾-DCH but very poor recovery of ⍺,ꞵ-DCH which was due 

to this assumption. Adjusted design of the column from preliminary findings were based on what 

gave the best performance in Aspen. It was expected that the isomer distinguishment between 

⍺,𝛾-DCH and ⍺,ꞵ-DCH would not impact volatility levels such that the recovery of both isomers 

should be the same. A feed stream of ⍺,ꞵ-DCH was thus added to the process downstream from 

the DCH Purification Column (12DCH in Figure 6.2.1) to compensate for this loss. It would be 

expected that a higher recovery of ⍺,ꞵ-DCH would result in a lower recovery of ⍺,𝛾-DCH and 
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water as only a certain amount of stream, regardless of component, can come out of the top. This 

discrepancy was neglected since the amount of ⍺,ꞵ-DCH, while impactful towards the 

downstream Mixing PFR process, was negligible in the ⍺,𝛾-DCH reduction. Overall, columns in 

simulation software are very reliable for separating binary systems but become unreliable for 

processes in which multiple components are present, particularly isomers from this experience. 

Most other equipment, such as mixers, pumps, and heat exchangers did not carry significant 

weight in this simulation as they were not varied by any substantial margins nor was there much 

room for selection between variations.  

 

More results are shown in Appendix  Moving forward, the overall process flow diagram 

of the Aspen simulation is produced below (Figure 6.2.1): 

 
Figure 6.2.1: Cumulative Aspen Plus Simulation with DCH Reaction Scheme in top half and 

ECH Reaction Scheme in bottom half 

 

Aspen Plus has a character limit for the names of streams and units and so tables have been 

provided below to clarify these names (Tables 6.2.1 and 6.2.2): 

 

Table 6.2.1: Aspen Plus Simulation Stream Notation 

Stream 

Notation 

Stream Description 

FGLY Crude glycerol feedstock 

WASTE Glycerol impurity from flash 

(Water) 
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GLY Refined, technical-grade glycerol 

feedstock 

CAT Hexanoic acid catalyst feedstock 

HCL Gaseous hydrogen chloride 

feedstock 

OCSTR CSTR product 

OPFR PFR product 

ORG Organic DCH stream from decanter 

AQ Aqueous DCH stream from decanter 

BOT DCH Purification Column bottom 

stream 

REC DCH Reaction Scheme recycle feed 

PURGE DCH Reaction Scheme recycle 

purge stream 

NAOH Aqueous sodium hydroxide feed 

23DCH Compensated ⍺,ꞵ-DCH feed 

OMIX1 Combined sodium hydroxide and 

organic DCH stream 

OMIX2 Combined sodium hydroxide, 

organic and aqueous DCH stream  

OMPFR Mixing PFR product stream 

REACDIS ECH Reactive Column distillate 

stream 

REACBOT ECH Reactive Column bottoms 

stream 

COOLED Cooled ECH Reactive Column 

bottoms stream 

REACREC ECH Reactive Distillation Column 

recycle stream 

DECAQ Water impurity that was extracted 
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from REACREC stream 

DECORG ECH stream after decanter 

purification 

CRUDEECH Heated ECH stream after decanter 

purification 

ECHBOT1 ECH stream purified from 1st 

purification column 

ECHDIS1 Impure stream of ECH, sent back to 

ECH Reactive Distillation Column 

ECHBOT2 Impure ECH stream sent back to 1st 

purification column 

ECHDIS2 Finalized pure ECH stream (Overall 

Product) 

 

Table 6.2.2: Aspen Plus Simulation Unit Notation 

Equipment 

Notation 

Equipment Description 

FLASH Flash drum for glycerol purification 

CSTR Hydrochlorination CSTR 

PFR Hydrochlorination PFR 

DCHCOL DCH Purification Column 

SPLIT DCH Purification Column recycle stream splitter 

AQMIX Aqueous DCH and sodium hydroxide feed mixer 

ORGMIX Aqueous DCH, organic DCH, and sodium hydroxide 

stream mixer 

MPFR Mixing PFR 

REACOL ECH Reactive Distillation Column 

HX2 ECH Reactive distillate stream cooler 

DECANT ECH Stream decanter 

RECMIX Aqueous ECH and impure ECH mixer 
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HX1 Organic ECH stream heater 

ECHCOL1 1st ECH Purification Column 

ECHCOL2 2nd ECH Purification Column 

 

The PFDs of both the designed process and Aspen simulation (Figures 6.1.1 and 6.2.1) 

are reasonably similar and it was fortunate that Aspen had all of the requested units including a 

reactive distillation column. The biggest difference between these two is the mixer (ORGMIX) 

that is required before the mixing PFR (MPFR) that combines the two streams that would 

otherwise be fed separately into the mixing PFR. Aspen only accepts one stream to be fed to a 

PFR and since this reactor was not taking into consideration the mass transfer this was negligible 

from a performance standpoint but was worth clarifying from a visual standpoint. On the same 

note, mixers and splitters had to be implemented for on each occasion where streams were 

combined or separated. It is expected that actual equipment units in this sense will not be 

required since this is realistically indicative of a Y-split pipe fitting. 

 Convergence was more of a challenge in the DCH Reaction Scheme as opposed to the 

ECH Reaction Scheme. Convergence delays were encountered essentially anywhere in the 

process that involved a recycle stream since multiple units need to be simultaneously run in these 

scenarios. The ECH scheme was particularly difficult because the feed streams were 

substantially different then what they should have been as the amounts of these streams were 

selected based on material balance approximations as well as kinetic behavior. Material streams 

thus had to be adjusted to account for the changing amount of accumulation in the recycle stream 

which is why a purge disposal (PURGE) had to be implemented. 

 Non-column heat exchangers are unnecessary for Aspen simulations as the streams will 

automatically be heated or cooled to whatever equipment that they are being fed into. Also 

unnecessary and so not listed in the Aspen PFD are pumps because Aspen models streams as not 

only thermally autonomous but also mechanically autonomous such that streams do not need any 

driving force to get from one piece of equipment to another. 

 Aspen produced an overall yield from Glycerol to ECH of 90.07%. More Results are 

posted in Appendix A.3 containing the mast flow sheet with important information on the 

streams. 

   

6.3 Additional Equipment 

 In addition to major unit operations like reactors and separators, and heat exchangers and 

pressure changers, other equipment must be accounted for to accurately estimate the investment 

required for this production facility. The specific additional equipment that must be considered 

due to their large costs are storage tanks and piping. Clearly, while piping and storage tanks are 

required for this process, their specifications do not alter the overall behavior of this process in 

simulations. 

 The storage tanks that this process requires would be used for the storage of some raw 

materials as they are received from shipment or pipeline, the final purified ECH product before 

distribution, and the mixed waste water before being sent to waste water treatment facilities. The 

raw materials that require respective storage tanks are crude glycerol received from shipment, 

anhydrous HCl received from pipeline, and hexanoic acid catalyst received from shipment. For 

these storage tanks, the key parameters considered were materials of construction, volume and 
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type. The materials these tanks must be constructed out of was determined based on the 

compatibility of the stored chemical with a given material. The only storage tank for which 

stainless steel was inappropriate would have been the anhydrous HCl tank. Stainless steel is very 

susceptible to corrosion when in contact with acidic species, so the strong gaseous acid HCl 

would corrode a tank of stainless steel construction very quickly. It was determined that instead 

of investing in an expensive anti-corrosive storage tank, most likely of a glass-lined stainless 

steel construction, that receiving the anhydrous HCl via a pressurized pipeline would be more 

cost effective. However stainless steel is an appropriate material for the hexanoic acid storage 

tank because hexanoic acid is a weak acid that would not effectively corrode the tank. While 

stainless steel is also susceptible to salt corrosion, the waste water storage tank could still 

feasibly be made of a stainless steel construction because the salt in that tank would be greatly 

diluted due to the sheer amount of water in the tank. 

 

Table 6.3.1: Storage Tank Specifications and Pricing 

Stored Process 

Material 

Tank Type 

 

Material of 

Construction 

Volume (m3) Purchase Cost 

(USD) 

ECH Large Field 

Erected  

304 Stainless 

Steel 

10,000 $1,962,909 

Glycerol Large Field 

Erected 

304 Stainless 

Steel 

10,000 $1,962,909 

Hexanoic Acid Large Field 

Erected 

304 Stainless 

Steel 

5,000 $1,194,702 

Wastewater Large Field 

Erected 

304 Stainless 

Steel 

10,000 $1,962,909 

  

 Piping considerations also heavily relied on corrosive resistivity, because in the DCH 

Reaction Scheme there is significant HCl concentrations throughout. This necessitated the use of 

nickel alloy and glass-lined stainless steel piping in that upstream process, while stainless steel 

was used for piping for streams in the bulk of the ECH Reaction Scheme. Glass-lined stainless 

steel piping is specifically required around the hydrochlorination CSTR (for the anhydrous HCl 

stream) and PFR units because of the significant quantities of HCl presence there, however 

nickel alloy piping is needed around the dehydrochlorination mixing PFR and reactive 

distillation column unit due to the presence of caustic soda which would effectively erode 

stainless steel piping many times over the lifetime of this plant. Stainless steel piping could be 

used everywhere else in this process where non-significant amounts of acids or bases are present. 

For the purpose of pricing the required piping, an arbitrary (most likely overestimation) length of 

1100 total meters of piping was assumed. Considering the general distribution of equipment in 

this process it was assumed that 100 meters of glass-lined piping, 200 meters of nickel alloy 

piping, and 800 meters of stainless steel piping would be required respectively. The diameter of 

these pipes was set to the maximum of 0.51 meters, and not specifically determined for 

individual regimes of the process because for the purpose of analyzing economic feasibility, 

overestimated costs set higher revenue conditions for profitability.  
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 After specifications were determined for the CSTR impeller and pumps, specifications 

for the motors and utilities required to operate these units were determined. The motor power 

requirements were determined through the use of pump curves and rigorous calculations 

discussed in section 5.6. The CSTR impeller motor requirement was determined by the power to 

mass ratio , given the specifications of the gas-inducing impeller discussed in section 3.2. 

Calculations to determine the power utility were pertinent because the power requirements for 

these units would significantly change the overall operational cost of this process.  

 

Table 6.3.2: Motor Specifications and Pricing 

Motor Requiring 

Unit 

Motor Power 

Requirement 

(kW) 

Energy Required 

for Operation 

(kW-hr/yr) 

Motor Cost 

(USD) 

Energy Cost 

(USD/yr) 

Pump-1 5.49 43957 $1,189.49 $3,727.74 

Pump-2a 2.90 23200 $820.23 $1,967.42 

Pump-2b 2.90 23200 $820.23 $1,967.42 

Pump-3 4.71 37677 $1,078.65 $3,195.21 

CSTR Impeller 263 2103275 $34,897.47 $178,366.60 

 

7 Economic Analysis 

7.1 Economic Estimation Approach 

The whole purpose of designing this process is to make something that will generate 

revenue over a consistent period of time. In other words, this process needed to not only be 

profitable to the point of putting money in the pockets of people that run it but also so that 

further expansion, say by means of constructing another plant, could be an option. Finding the 

economic summary for a business is always more reflective of an ideal scenario as forecasting a 

cash flow can not take into account a seriously impactful event or series of events. A cash flow 

can not consider whether the economy is about to crash or whether a distillation column is going 

to crash and burn. Cash flows typically only show decreasing and increasing linear behavior over 

its timeline such that major bumps in the road are given relatively little consideration. This is 

why an ideal case, which is what is predicted in these sections, must show a really promising 

opportunity for such a business (process) to get interest and subsequent investors.  

There are two main categories of expenses that chemical manufacturers face in a start-up 

scenario: capital investment and operational costs. The primary difference between these two is 

the former is the upfront cost paid for the facility installation while the latter refers to the 

expenses that are continuously encountered throughout the lifetime of the plant. Expectedly,  

capital investment is substantially greater than operational costs over the first few years (most 

important period) and so the challenge with most plants is how fast the capital investment is 

overcome to the point where operational costs dominate. This is around the point where the 

cumulative cash flow turns positive and the plant is officially not classified as an overall liability. 

Operational costs can dominate if a process is designed poorly such that a process holds a low 

yield or if a unit requires an excessive amount of utility. Efficiently managing capital costs has 

the most effect on how fast a process becomes profitable while great management of operational 

costs, that is designing a high-performing process, is indicative of a highly profitable process. 
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The main consideration for capital costs pertained to equipment prices. The process used 

for this plant in efforts to diminish equipment costs was first selecting equipment that got the job 

done while fulfilling the mentioned sustainability criteria. Once an initial unit or collection of 

units were considered for implementation and design, thought was put into whether there was a 

better alternative in terms of equipment costs that had marginally less performance. It was 

gathered through literature and discussions with Dr. Hook that performance is usually indicative 

of profits and that is why performance is the first consideration and cheaper alternatives the 

second.  

Getting into equipment costs, the most costly equipment were expected to be the units 

that had the most impact on the process, which in this context was reactors and columns. 

Reactors aimed to be as small as possible, particularly the Hydrochlorination CSTR which was 

expected to be expensive due the heating jacket and impeller system required. Column packing 

was foreseen to be really expensive and so it was envisioned that near complete conversion 

through preceding reactors should be aimed not only to diminish column size but also to mitigate 

the amount of packing replacement. Heat exchangers were not foreseen to be too expensive from 

a material standpoint but had a much larger impact on costs due based on the amount of utility 

required. Design of the heat exchangers was done with a much heavier concentration on 

performance and subsequently very little focus on cheaper alternative designs. Storage tanks are 

also critical in terms of cost but are thought to save money in the long run due to lack of 

operational costs associated with continuous transport of goods. Pumps were designed similar to 

heat exchangers, that is with a prioritization of long-term operational costs as opposed to raw 

equipment costs. 

 

7.2 Capital Costs 

There were 3 main input variables that determine the pricing for a given piece of 

equipment. The most notable was materials of construction and so materials such as stainless 

steel or glass-lined stainless steel were selected in part because they fulfilled the sustainable 

criteria but also because pricing on different units could readily be found with these more 

common materials. If pricing on a material was not available, a material factor was applied 

which applied a linear correction towards whatever price is estimated. The second most 

important consideration was the size of the equipment and so throughout the design of the 

process, equipment was first aimed to be as small as possible and then increased when necessary. 

The last input was pressure ratings which were not used for all equipment but used for a 

significant amount of selections. No substantially high pressures are expected in this process but 

higher than performance ratings were implemented as a safety measure. Two primary sources 

used for pricing equipment were a cost formula spreadsheet provided by Dr. Weimer and Dr. 

Clough of University of Colorado Boulder and another cost formula spreadsheet provided by 

Professor Russell Dunn of Vanderbilt University [7.2.1][7.2.2]. Boulder’s spreadsheet was 

primarily used with most sourced equipment equations from Peters and Timmerhaus[7.2.5]. The 

Vanderbilt spreadsheet draws equipment estimate equations from Sieder [7.2.6]. Both of these 

spreadsheets yield purchase equipment cost. With these resources available, the bare module 

factor method was thus elected to be used such that FBM’s would be applied towards these 

cumulative costs of equipment (for example, all of the pumps added up) and these resulting 

values used for further calculations. 

The flash drum was calculated using the Boulder spreadsheet with material of carbon 

steel, diameter of 2 meters and a moderately low pressure rating of 1035 kPa (Eq 7.2.1): 
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𝐹𝑙𝑎𝑠ℎ 𝐷𝑟𝑢𝑚 𝑃𝐸 = 6.17(𝐻𝑒𝑖𝑔ℎ𝑡𝐷𝑟𝑢𝑚)2 + 6433(𝐻𝑒𝑖𝑔ℎ𝑡𝐷𝑟𝑢𝑚) + 14686.23                 (7.2.1)  

Heat exchangers were calculated using the Boulder spreadsheet equation for pressure ratings of 

1035 kPa with varying material factors (Equation 7.2.2): 

𝐻𝑒𝑎𝑡 𝐸𝑥𝑐ℎ𝑎𝑛𝑔𝑒𝑟 = 1.28(10(0.0032𝑙𝑜𝑔10(𝐴𝑟𝑒𝑎𝐻𝑋)3+0.1377𝑙𝑜𝑔10(𝐴𝑟𝑒𝑎𝐻𝑋)2+0.2168𝑙𝑜𝑔10(𝐴𝑟𝑒𝑎𝐻𝑋)+3.37))       (7.2.2) 

Pumps were calculated using the Boulder spreadsheet based on stainless steel material models 

for moderately low pressure ratings of 1035 kPa (Equation 7.2.3): 

𝑃𝑢𝑚𝑝 =  −6.4𝐸7(𝐶𝑎𝑝𝑎𝑐𝑖𝑡𝑦𝑃𝑢𝑚𝑝)2 +  2.04𝐸6(𝐶𝑎𝑝𝑎𝑐𝑖𝑡𝑦𝑃𝑢𝑚𝑝) +  6514                                   (7.2.3) 

The columns were priced by calculating the external material, that is the vessel and then adding 

that to the pricing for the internal material, whether that be the trayed or packed material. The 

first DCH purification column was priced using a nickel alloy. The external portion of the DCH 

purification column was calculated using the Boulder spreadsheet with a low pressure rating of 

1035 kPa since this column was operated under vacuum conditions (Equation 7.2.4): 

𝐶𝑜𝑙𝑢𝑚𝑛𝐷𝐶𝐻 = 45.63(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛)2 + 4.7𝐸4(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛) + 1.1𝐸5       (7.2.4) 

The internal packing of the DCH Purification Column were calculated from the Boulder 

spreadsheet using a porcelain (ceramic) packing material at a column diameter of 2 meters 

(Equation 7.2.5): 

𝑃𝑎𝑐𝑘𝑖𝑛𝑔𝐷𝐶𝐻 = 1372(𝐻𝑒𝑖𝑔ℎ𝑡𝑃𝑎𝑐𝑘𝑖𝑛𝑔)
0.9857

                        (7.2.5) 

The ECH Reactive Distillation column, also a packed column, was priced using the same method 

as the DCH purification column. With a moderately low pressure rating of 1035 kPa and a 

diameter of 2 meters, Equation 7.2.6 was used below to estimate the glass-line stainless steel 

material using a nickel alloy pricing: 

𝐶𝑜𝑙𝑢𝑚𝑛𝑅𝑒𝑎𝑐𝐷𝑖𝑠 = 45.66(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛)2 + 4.7𝐸4(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛) + 1.1𝐸5                    (7.2.6) 

The internal packing of the ECH Reactive Distillation column was modeled to be ceramic 

porcelain material of a structured orientation for a column diameter of 1 meter (Equation 7.2.7): 

𝑃𝑎𝑐𝑘𝑖𝑛𝑔𝑅𝑒𝑎𝑐𝐷𝑖𝑠 = 1372(𝐻𝑒𝑖𝑔ℎ𝑡𝑃𝑎𝑐𝑘𝑖𝑛𝑔)
0.9857

                                     (7.2.7) 

The trayed columns, those being the two ECH Purification columns, were modeled as trayed 

columns and so the internal pricing differed from the packed method while the external portion 

of the column was modeled similar to the DCH Purification Column and the ECH Reactive 

Column. For a stainless steel material, the first vertical column was priced using a low pressure 

rating of 1035 kPa and a diameter of 2 meters (Equation 7.2.8): 

𝐶𝑜𝑙𝑢𝑚𝑛𝐸𝐶𝐻1 = 18.51(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛)2 + 1.93𝐸4(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛) + 4.4𝐸4                    (7.2.8) 

The trays for the first ECH purification column were priced per tray for a 9-sieved trayed column 

of stainless steel material (Equation 7.2.9): 
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𝑇𝑟𝑎𝑦𝑠𝐸𝐶𝐻1 =  −179.4(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛)3 + 1348.76(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛)2 − 959𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛 + 1636                              (7.2.9) 

The second ECH purification column was calculated the same way as the first, that is with the 

external portion calculated as a vertical column of a stainless steel material at a diameter of 2 

meters (Equation 7.2.10): 

𝐶𝑜𝑙𝑢𝑚𝑛𝐸𝐶𝐻2 = 18.51(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛)2 + 1.93𝐸4(𝐻𝑒𝑖𝑔ℎ𝑡𝐶𝑜𝑙𝑢𝑚𝑛) + 4.4𝐸4                                (7.2.10) 

The tray pricing for the second ECH purification column was calculated using the same Boulder 

spreadsheet for a stainless steel material with a diameter of 2 meters (Equation 7.2.11): 

𝑇𝑟𝑎𝑦𝑠𝐸𝐶𝐻2 =  −152.2(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛)3 + 1144.4(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛)2 − 814(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝐶𝑜𝑙𝑢𝑚𝑛) + 1388                          (7.2.11)          

Storage tanks used for holding ECH, Catalyst, Glycerol, and Waste were all modeled as large 

field-erected storage tanks at various volumes and either stainless steel or glass-lined stainless 

steel (Equation 7.2.12):  

 

𝑇𝑎𝑛𝑘 = 95.85(𝑉𝑜𝑙𝑢𝑚𝑒𝑇𝑎𝑛𝑘) + 2.66𝐸5                    (7.2.12) 

The Mixing PFR was modeled as a double pipe heat exchanger of nickel alloy material for very 

small dimensions (Equation 7.2.13): 

𝑃𝐹𝑅𝑀𝑖𝑥𝑖𝑛𝑔 =  1.37(10(0.0032𝑙𝑜𝑔10(𝑆𝑢𝑟𝑓𝑎𝑐𝑒𝐴𝑟𝑒𝑎𝑀𝑃𝐹𝑅)3+0.1377𝑙𝑜𝑔10(𝑆𝑢𝑟𝑓𝑎𝑐𝑒𝐴𝑟𝑒𝑎𝑀𝑃𝐹𝑅)2+0.2168𝑙𝑜𝑔10(𝑆𝑢𝑟𝑓𝑎𝑐𝑒𝐴𝑟𝑒𝑎𝑀𝑃𝐹𝑅)+3.3695))            (7.2.13) 

The Hydrochlorination PFR was calculated using the same double-pipe heat exchanger model of 

the Boulder spreadsheet but due to size limitation of these equations, the total price of the unit 

was calculated using 5 pricings of a double pipe heat exchanger corresponding to 5 cumulative 

units (Equation 7.1.14):. 

𝑃𝐹𝑅 = 5(2761(
𝑆𝑢𝑟𝑓𝑎𝑐𝑒𝐴𝑟𝑒𝑎𝑃𝐹𝑅

5
)0.0699)                                  (7.2.14) 

The Hydrochlorination CSTR was priced using the Vanderbilt spreadsheet in which the pricing 

was determined from the material factor, the amount of fluid inside of the reactor at a given time, 

and the size of the vessel (Equation 7.1.15). This spreadsheet does not price reactors himself but 

does price horizontal and vertical vessels which were used for decanters and the CSTR, 

respectively.     

𝐶𝑆𝑇𝑅 =  𝑒7.139+0.18255𝑙𝑛𝑙𝑛 (𝑊𝑒𝑖𝑔ℎ𝑡𝐹𝑙𝑢𝑖𝑑) +0.02297(𝑙𝑛𝑙𝑛 (𝑊𝑒𝑖𝑔ℎ𝑡𝐹𝑙𝑢𝑖𝑑) )2
+ 5.4(410.3(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝑉𝑒𝑠𝑠𝑒𝑙)0.7396)(𝐿𝑒𝑛𝑔𝑡ℎ𝑉𝑒𝑠𝑠𝑒𝑙)

0.7065 

              (7.2.15) 

Decanters for both the DCH Purification Column and the ECH Purification process were priced 

using the horizontal vessel method listed (Equation 7.2.16). The DCH decanter was estimated 

using a pressure rating of 2 bar, a length of 10 meters, and a diameter of 2 meters of nickel alloy 

material. The ECH decanter was modeled to for a pressure rating of 2 bar, length of 10 meters, 

and diameter of 2 meters of a stainless steel material. 

𝐷𝑒𝑐𝑎𝑛𝑡𝑒𝑟 =  𝑒5.6336+0.4599𝑙𝑛𝑙𝑛 (𝑊𝑒𝑖𝑔ℎ𝑡𝐹𝑙𝑢𝑖𝑑) +0.00582(𝑙𝑛 (𝑊𝑒𝑖𝑔ℎ𝑡𝐹𝑙𝑢𝑖𝑑) )2
+ 2.1(2274(𝐿𝑒𝑛𝑔𝑡ℎ𝑉𝑒𝑠𝑠𝑒𝑙)0.20294               

    (7.2.16) 
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The agitator (impeller) for the Hydrochlorination CSTR was priced using the Boulder 

spreadsheet and was modeled based on the power required (Equation 7.2.17): 

𝐴𝑔𝑖𝑡𝑎𝑡𝑜𝑟 = 2(5033.5(𝑃𝑜𝑤𝑒𝑟0.1732))                                             (7.2.17) 

The piping was calculated using the Boulder spreadsheet and was done for glass lined-stainless 

steel, nickel alloy, and stainless steel materials. 

𝑃𝑖𝑝𝑖𝑛𝑔 = 3215.5(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝑃𝑖𝑝𝑖𝑛𝑔)2 + 857.58(𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟𝑃𝑖𝑝𝑖𝑛𝑔) + 25.93        (7.2.18) 

Motors for powering the pumps and agitators were calculated from the Boulder spreadsheet in 

which an enclosed, fan-cooled alternating current motors were selected (Equation 7.2.19): 

𝑀𝑜𝑡𝑜𝑟 = 468 + 10.92 𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟)  + 2.85(𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟) )2

+
11.88(𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟) )3

1.28 − 0.456 𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟)  + 0.0574(𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟) )2 − 0.002(𝑙𝑛 𝑙𝑛 (𝑃𝑜𝑤𝑒𝑟) )3
 

                (7.2.19) 

Next, the cost index was determined and applied to the two spreadsheets which the latest value 

was told to be 801.4 [7.3.4].  Using the design specifications listed in equipment sections and 

plugging these into respective equipment equations, the cumulative price of each equipment was 

calculated and is shown in the Table below: 
 
Table 7.2.1: Purchase Cost of Equipment (PE)(2023 Values) 

Equipment Total Cost ($k) Equations Used 

Reactors 498 7.1.13, 7.1.14. 7.1.15 

Columns 10,522 7.1.4-7.1.11 

Flash Drums 127 7.1.1 

Storage Tanks 9,724 7.1.12 

Pumps 66 7.1.3 

Heat Exchangers 43 7.1.2 

Piping 7,394 7.1.18 

Decanters 18 7.1.16 

Motors 140 7.1.19 

Agitators 140 7.1.17 

 
The cumulative equipment cost was totaled to be $28,397k or $28,397,110.  

 

To implement the bare-module factor method in accounting for things such as installation, the 

bare module factors (FBM) were collected for each type of equipment (Table 7.2.2): 
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Table 7.2.2: Bare-module Factors of All Equipment Types [7.2.1][7.2.6] 

Equipment Bare-module 

Factors 

Reactors 4.3 

Columns 4.3 

Flash Drums 4.3 

Storage Tanks 4.16 

Pumps 3.4 

Heat Exchangers 3.3 

Piping 1.5 

Decanters 4.16 

Motors 3.3 

Agitators 4.1 

 
Applying the bare-module factors the PE costs of Table 7.2.1, the updated costs of equipment are 

as follows (Table 7.2.3): 

 

Table 7.2.3: Adjusted Equipment Costs After FBM
  Application [7.3.4] 

Equipment Adjusted Equipment Cost 

($k) 

Reactors 2,143 

Columns 45,248 

Flash Drums 142 

Storage Tanks 142 

Pumps 226 

Heat Exchangers 142 

Piping 5,989 

Decanters 78 

Motors 462 
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Agitators 574 

 

The adjusted cumulative cost for equipment is $95,867k or $85,867,000. It was 

anticipated that there would be a 10% additional cost from this value in miscellaneous 

equipment, needed either to install or maintain equipment. This cost is $9,587k or $9,580,000 

which results in a DIC equipment cost of $105,454k. Bare Module costs for computers, 

instrumentation, spares, process machinery, were not considered in these calculations such that 

the total bare-module investment is the same as the DIC equipment cost. 

 

Listed below are other parameters used to determine capital costs (Table 7.2.4): 

 

Table 7.2.4: Capital Cost Economic Parameters For Capital Cost Estimation [7.3.4] 

Parameter Value Units 

Cost of Site Preparation 15 % of Total Bare-

module Cost 

Cost of Service 

Facilities 

20 % of Total Bare-

module Cost 

Cost of Contingencies 

and Contractor’s Fee 

18 % of Direct 

Permanent 

Investment 

Inflation 4.5 % 

Inflation Period 15 years 

Processing Plant Type Fluids  

 

Additionally, lang factors were found based upon the processing plant type, as shown below in 

Table 7.2.5: 

 

Table 7.2.5: Lang-factors For Capital Cost Estimation [7.3.4] 

Consideration Lang Factor 

Installation 47 

Electrical 11 

Service Facilities 70 

Total Direct Plant Cost 360 

Engineering and Supervision 33 
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Construction Expenses 41 

Total Direct and Indirect Plant 

Costs 

434 

Contractor’s Fee and Legal 

Expenses 

26 

Contingency 44 

Fixed Capital Investment 504 

 

These variables resulted in the following costs (Table 7.2.6): 

 

Table 7.2.6: Cumulative Capital Costs [7.3.4] 

Expense Cost ($k) 

Subtotal DIC Equipment Costs 105,454 

Total Direct Permanent Investment (DPI) 105,454 

Bare Module Total Depreciable Capital 

(TDC) 

167,989 

Fixed Capital Investment 325,100 

 

In calculating the working capital, a raw-inventory start up of 6,100k kg of Catalyst was 

considered resulting at a total price of $6,000k. Start up spare parts were estimated to be 2.5% of 

these total capital investment and so from the fixed capital investment, $8,128k was the total cost 

of total working capital. 

 

7.3 Operating Costs 

 Costs for species such as utilities and ingredients are shown in Tables 7.3.1 and 7.3.2, 

respectively: 

 

Table 7.3.1: Utility Costs Per Unit [7.3.3] 

Utility (Unit) Cost ($/Unit) 

Cooling Water (gal) 0.000075 

HP Steam (kg) 0.0105 

Waste Treatment (kg) 0.33 

Electricity (kWh) 0.06 
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Table 7.3.2: Ingredient Costs Per Unit [7.3.2] 

Ingredient  Cost ($/tonne) 

Glycerol 600 

HCl 191 

NaOH 566 

Hexanoic Acid 950 

 

Recalling the amount of ingredients and utilities required of this process (Table 7.3.3): 

 

Table 7.3.3: Required Amounts of Utilities and Ingredients 

Ingredient/Utility 

(Units) 

Units of Utility/Ingredient/ 

Tonne of Product 

Glycerol (tonne) 1.064 

HCl (tonne) 0.80 

NaOH (tonne) 0.72 

Hexanoic Acid (tonne) 0.0216 

HP Steam (kg) 9223 

Cooling Water (gal) 1532820 

Waste Treatment (kg) 9.59 

Electricity (kWh) 22.3 

 

Using these tables in conjunction with the amount of utilities and ingredients required for this 

process, the cost for each of the species per tonne of product is listed below in Table 7.1.4: 

 

Table 7.3.4: Utility and ingredients Costs Per Tonne of ECH Produced 

Utility/ Ingredient Cost of Utility/Ingredient 

per Tonne of Product 

Glycerol 638 

HCl 152 

NaOH 407 

Hexanoic Acid 20.5 
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Cooling Water 114.962 

HP Steam 96.8 

Waste Treatment 3.16 

Electricity 1.33 

 

The cumulative costs are thus calculated to be the following: 

 

Table 7.3.5: Cumulative Material Costs 

 Cost per Tonne Product ($) 

Total Ingredient Cost 1198 

Total Utilities Cost 216 

Total Catalysts Cost 20.5 

Cumulative Materials Cost 

(Total Variable Costs) 

1435 

 

It was assumed that there would be no credit for bi-products since products are of high 

purity and waste streams are undesirable for usage. The purge stream out of the DCH recycle 

stream is not desirable as it is >50% weight the undesirable isomers, ꞵ-MCH and ⍺,ꞵ-DCH due to 

low reactivity capabilities.  
 

 The DuPont shift schedule, suggested by Dr. Clough was utilized for this plant to reduce 

operating costs and shifts needed. The DuPont shift schedule is a four week rotation of 12 hour 

operator shifts. Each operator works an equal number of night shifts and day shifts throughout 

the 4 week cycle. Also included in every monthly shift cycle is full week off. This helps offset 

other weeks in which operators may work 6 shifts in a 7 day time frame [7.3.1]. 

 

Table 7.3.6: Example DuPont Shift Schedule [7.3.1] 

Week 1 Four Night Shifts 

Three Days Off 

Week 2 Three Day Shifts 

One Day Off 

Three Night Shifts 

Week 3 Three Days Off 

Four Day Shifts 

Week 4 Seven Days Off 
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 Ultimately this reduces the number of shifts needed to operate the plant from 5 to 4, 

reducing that fixed cost by 20%. Operator wages varied based on a multitude of factors, so 

salaries were determined off of an average of Dow Chemical salary. These ranged anywhere 

from $50k up to $100k, so the average value of $75k per year was chosen. An additional 

economic analysis would be done with increased operator wages of $100k per year. 

 

Table 7.3.7: Operator Specifications and Costs 

Operators Per Shift 5 

Shifts Required 4 

Total Number of Operators 20 

Average Operator Salary $75k 

Annual Operator Costs $1,500k 

 

7.4 Profitability Analysis 

Profitability analysis was carried out using the economics spreadsheet provided by Dr. 

Weimer of University of Colorado Boulder [Weimer.X]. A preliminary study was done using the 

macro solved unit selling price as a starting point. Using the capital, variable, and fixed costs 

also calculated within the spreadsheet, return on investment (ROI), internal rate of return (IRR), 

payback period (PBP), and net present value (NPV) can be determined. Shown below is a 

summary of these values, as well as yearly and cumulative cash flow charts. 

Table 7.4.1: Preliminary profitability analysis metrics. $ units are in ($k) 

Unit Selling Price $3.247/metric ton 

IRR 12.0% 

ROI 7.0% 

PBP 14.2 years 

NPV $96,567 
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Figure 7.4.1: Yearly cash flow chart for a base case of unit selling price of $3.247/metric ton 

($k). Construction begins in 2023, with plant startup occurring in 2026. Yearly net positive 

profits begin in 2027. Year three startup loss can be explained by the capacity at which the plant 

is operating at in this first year, currently 76%. 

 

Figure 7.4.2: Cumulative cash flow chart for a base case of unit selling price of $3.247/metric 

ton ($k). Construction begins in 2023, with plant startup occurring in 2026. Plant reaches a 

cumulative net profit in 2033. It is desirable to attempt to move the date at which cumulative 

profit is reached to a sooner year. 

A unit selling price of $3247 per metric ton determined by the included unit selling price 

macro. Return on investment is a measure of the efficiency of the net income of the process 

against the initial investment. The ROI for this process is fairly low at 7.0%. Ideally, ROI would 

be in the range of 20%-25%. Also important to note is that extended payback period for this 

scenario of 14.2 years. Again ideally, it would be advantageous to reduce this significantly. 

Further case studies using the economics spreadsheet can be done for several other scenarios. 
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Market research at the beginning of this project revealed an average market spot price for 

our product of approximately $3300 per metric ton. This figure is not far off from the suggested 

price set using the marco, and the effect of raising the price was tracked with the profitability 

metrics and cash flow charts. 

Table 7.4.2: Market spot price profitability analysis metrics. $ units are in ($k) 

Unit Selling Price $3.30/metric ton 

IRR 20.4% 

ROI 15.1% 

PBP 6.6 years 

NPV $17,583 

 

Figure 7.4.3: Yearly cash flow chart for a unit selling price of $3.3/metric ton ($k). Construction 

begins in 2023, with plant startup occurring in 2026. Yearly net positive profits begin a year 

earlier in 2026. Year three startup instead produces a profit, however only a marginal one due to 

the 76% operating capacity.  
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Figure 7.4.4: Cumulative cash flow chart for a unit selling price of $3.3/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. Plant reaches a cumulative 

net profit in 2032, a whole year sooner than the preliminary scenario.  

 This scenario provides a more accurate representation of how this plant will likely fare 

economically, given current epichlorohydrin (and epoxy resin) market use. The ROI and IRR are 

much higher for this case making investment in this design more advantageous. The payback 

period is also reduced to only 6.6 years, much better than the preliminary scenario.However, 

other potential economic changes are very possible with this process, so other scenarios were 

observed in yet another case study: the price of the raw starting materials. Both a 25% increase 

and decrease in the purchase price of the starting reactants.  

Table 7.4.3: 25% increase in starting material price analysis metrics. $ units are in ($k) 

Unit Selling Price $3.30/metric ton 

IRR 2.3% 

ROI 0.4% 

PBP 247.3 years 

NPV $161,680 
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Figure 7.4.5: Yearly cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. Yearly net positive profits 

begin again in 2027. It is also important to note that the yearly cash flow averages to only 20% 

of the two previous scenarios; profits are significantly limited after a starting materials price 

increase.  

 

Figure 7.4.6: Cumulative cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. The plant reaches a 

cumulative net profit in 2039, significantly later than the previous two scenarios.. The plant 

operates at a loss for a significant portion of the lifespan. 

 According to this information, an increase in the starting material cost would be 

catastrophic for this plant economically. An IRR of only 2.3% is not sufficient in any way, and a 

0.4% ROI and 247.3 year PBP means that in this scenario, the process would not be a 

worthwhile investment. However, due to the use of mainly byproducts as reactants, it is quite 

feasible to consider a significant drop in starting material purchase price as well, shown below. 

Table 7.4.4: 25% decrease in starting material price analysis metrics. $ units are in ($k) 
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Unit Selling Price $3.30/metric ton 

IRR 25.4% 

ROI 20.9% 

PBP 4.8 years 

NPV $39,565 

 

Figure 7.4.7: Yearly cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. Yearly net positive profits 

begin a year earlier in 2026. Profit is achieved in the first operating year at only 76% capacity, 

again showing that the starting materials are a significant portion of costs within this process. 

 

Figure 7.4.8: Cumulative cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. The plant reaches a 
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cumulative net profit in 2029, slightly earlier than the market spot scenario. This scenario also 

reaches a much higher end cumulative cash amount of over $1.5 million. 

 This scenario provides a much better outlook on this plant. Both the IRR and ROI are up 

to considerable and sufficient levels to make this process favorable. PBP has been reduced to 

only 6.4 years, a significant improvement from the base case and market spot price scenarios. It 

is likely that the true economics of this plant will lie somewhere between this scenario and the 

market spot price scenario. 

 The last economic scenario that was observed for this process was a 33% increase in 

operator wages. All previous scenarios have used a figure of $75k per year per operator, the 

average salary of a chemical plant operator employed by Dow Chemical. This plant will also run 

on the Du-Pont shift schedule, with 4 shifts of 5 operators each, as recommended by Dr. Hook. 

However, due to the health concerns of the product produced and intermediate compounds 

within, extra worker compensation may be needed. 

Table 7.4.5: 33% increase in operator wages analysis metrics. $ units are in ($k). 

Unit Selling Price $3.30/metric ton 

IRR 12.8% 

ROI 14.9% 

PBP 6.7 years 

NPV $20,172 

 

Figure 7.4.9: Yearly cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. Yearly net positive profits 

begin a year earlier in 2026. Profit is achieved in the first operating year at only 76% capacity, 

showing that even a significant increase in worker wages this process is still economically 

viable. 
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Figure 7.4.10: Cumulative cash flow chart for a unit selling price of $3.30/metric ton ($k). 

Construction begins in 2023, with plant startup occurring in 2026. The plant reaches a 

cumulative net profit in 2030, notably earlier than the base case and market spot scenarios. This 

scenario also reaches a much higher end cumulative cash amount. 

 

8 Safety, Environmental, and Health Considerations 

 Any design of a chemical processing facility must of course be concerned first and 

foremost with the safety of its employees and the community at large. Many considerations must 

be made in order to ensure the health and safety of those on and off-site. On-site staff and the 

process and facilities themselves are protected in part by the parameters of the process being 

monitored and controlled through instrumentation that alert operators to deviations from nominal 

process operation in order for the deviation to be corrected as quickly and safely as possible. On-

site staff specifically are also physically protected from injury by use of personal protective 

equipment (PPE), the creation and distribution of appropriate standard operating procedures 

(SOP) for individual operation units, and the distribution of relevant chemical hazard 

information in case of spills or leaks.   

 

8.1 Chemical Hazards 

Table 8.1.1: Chemical Hazards Summary. 

Chemical Name Flammability Corrosivity Special 

Considerations 

Source 

Glycerol Flammable Not Corrosive Can develop 

combustible gas in 

the event of a fire 

[8.1.1] 

Hydrochloric Acid Not flammable Very corrosive to 

skin and metals 

Toxic if inhaled, can 

cause burns to skin 

and eye damage 

[8.1.2] 
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Hexanoic Acid Not flammable Corrosive to skin Can cause burns to 

skin and eye damage 

[8.1.3] 

Monochlorohydrin Not Flammable Corrosive to skin, 

some corrosivity 

towards metals 

Carcinogenic, toxic 

if inhaled or 

swallowed, 

[8.1.4] 

Dichlorohydrin Flammable Not corrosive Carcinogenic, 

acutely toxic to skin 

and if swallowed,  

[8.1.5] 

Sodium Hydroxide Not flammable Highly corrosive to 

metals and to skin 

Can cause severe 

burns to eyes and 

skin 

[8.1.6] 

Epichlorohydrin Flammable Highly corrosive to 

skin 

Carcinogenic, can 

cause severe burns 

to skin and eyes 

[8.1.7] 

Glycidol Combustible as a 

liquid 

Not corrosive Carcinogenic, fatal 

if inhaled 

[8.1.8] 

 

8.2 Personal Protective Equipment 

 Understanding the chemical species present in this process, and the threats that they pose 

to on-site employees, personal protective equipment (PPE) is required. The Occupational Health 

and Safety Administration (OSHA) describes the distribution of PPE to employees as a 

responsibility of the employer, to overall ensure the health and safety of employees as it relates 

to physical injury and harm due to contact with hazardous chemical species [8.2.1]. Compliance 

with OSHA regulations also necessitates the employer to make material safety data sheets 

(MSDS) available to employees and first responders by placing collections of pertinent MSDS 

around the workplace where staff could be exposed to these chemicals. With these in mind, it is 

recommended that all personnel in the facilities of this process have access to hard hats, to 

prevent physical cranial injuries, safety glasses, to prevent eye damage due to liquid splash, and 

corrosive-resistant coveralls so that in the event that one of the corrosive materials comes into 

contact with staff, personnel can take off the coveralls after leaving the spill area and be 

minimally harmed.  

 

8.3 Standard Operating Procedures and Instrumentation 

 A necessity in minimizing damage to equipment and to on-site personnel is the 

distribution of knowledge to ensure that any facility staff that comes into contact with a piece of 

equipment knows how to use it. This is done through the creation and maintenance of standard 

operating procedures (SOPs). OSHA outlines in the Occupational Health and Safety Standards 

that employers are responsible for ensuring SOPs are up to date and understood by all employees 

who might operate a specific operation unit [8.2.1]. All pieces of equipment must have 

associated SOPs that specifically speak to the operation of that equipment, with no exceptions. 

SOPs should outline the parameters of a unit that need to be controlled within a certain range to 

ensure nominal operation as well as equipment-specific procedures that aid in the control of 

those parameters. Additionally, SOPs should inform an operator to document pertinent 

parameters for a unit’s operation so that deviations from nominal operation can be investigated 
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and corrected in a timely manner. Finally, SOPs should also contain the information which 

would allow an operator to correct deviations and document their solution for further reference.  
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Figure 8.3.1: Overall Process and Instrumentation Diagram (P&ID). The base level of 

instrumentation which would allow for safe process operation is outlined in this figure. 

Operation units must be monitored so that parameters like pressure and temperature are held 

within safe ranges. This is accomplished through use of temperature transmitters, controllers and 

alarms (TT, TC, TA, respectively), pressure transmitters, controllers, and high pressure alarms 

(PT, PC, PAH, respectively). Liquid level must also be monitored and controlled via use of level 

transmitters, controllers, and high level alarms (LT, LC, LAH, respectively) to minimize 

employee contact with hazardous materials.  

 

8.4 HAZOP Analysis and Worst Case Scenario 

 

Table 8.4.1: HAZOP Study of the Hydrochlorination CSTR 

Deviation Possible Causes Consequences Safeguards Recommendations 

High Pressure - HCl feed rate 

too high 

- Vessel Rupture - PC and PAH 

with pressure 

relief 

- Pressure control 

on HCl inlet 

High Flow - Piping 

blockage 

- Vessel 

Overflow 

- LC and LAH 

with overflow 

protection 

- Flow control on 

liquid inlets 

High 

Temperature 

- Insufficient 

cooling water 

- HCl feed rate 

too high 

- Runaway 

reaction 

- NNC 

- TC and TA on 

CSTR outlet 

controls cooling 

water flow 

- NNR 

- NNR 

High Level - Glycerol feed 

rate too high 

- Piping 

blockage 

- Vessel Rupture 

- Vessel/Piping 

Leakage 

- LC and LAH 

with overflow 

protection 

- LC, PC, LAH, 

PAH with 

overflow 

protection 

- NNR 

- NNR 

 

Table 8.4.2: HAZOP Study of the DCH Purification Distillation Column 

Deviation Possible Causes Consequences Safeguards Recommendations 

High Pressure - Apparatus 

failure or 

leakage 

- HCl feed rate 

too high 

- Poor 

separation, 

excess vapor 

- Downstream 

equipment 

corrosion 

- PC and PAH 

with pressure 

relief 

- PC and PAH 

with pressure 

relief 

- NNR 

- NNR 

High - Reboiler - Catalyst - TC and TA on - Apply TA to 
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Temperature Malfunction contaminates 

downstream 

process 

CSTR outlet bottom stage of 

column 

Low Flow - OPFR piping 

blockage 

- Upstream 

composition 

change 

- Poor 

separation, 

excess vapor 

- Recycle stream 

composition 

change 

None - Apply flow or 

composition 

controls to OPFR 

stream and shut 

down column 

- NNR 

 

 This hazard and operability (HAZOP) study conducted around two unit operations offers 

a first glance at some safety concerns that are not immediately addressed by the instrumentation 

of the process. Deviations that are caused by upstream composition changes are largely not 

protected against. While it would be wise to apply some composition measurement devices to 

monitor compositions before the inlet of the reaction units, it would be excessive and costly to 

apply composition monitoring devices around every or even almost every reaction unit. The most 

important units to monitor composition and flow for, and to keep these in a given range, would 

be the separator units, especially the glycerol flash drum which could be subject to a change in 

fed crude glycerol composition, which could greatly affect the ability of this process to produce 

ECH at specifications. Furthermore, this process could be prone to piping corrosion if the HCl is 

allowed to go past the DCH purification distillation column, where piping is no longer glass-

lined but constructed of nickel alloy which is resistant to acid corrosion, however overexposure 

to the strong acid HCl would eventually cause damage to the piping which could result in a spill.  

 Based on the current level of instrumentation, and assuming the recommendations of the 

HAZOP study were carried out, the worst case scenario surrounding this process would involve 

leakage of HCl into the plant facilities. If the hydrochlorination CSTR vessel were to rupture or 

leak, there would be release of anhydrous HCl, supplied via pressurized pipeline, into the plant. 

HCl is a strong acid, which when inhaled, causes irreparable damage to lung tissues, not to 

mention damage to the eyes and skin which can occur even at low gaseous concentrations. To 

safeguard against this event, an emergency shut off valve should be implemented on the CSTR 

anhydrous HCl feed line, and high-volume ventilation systems should be operational if a leak 

were to occur.  

 

8.5 Waste Considerations 

 The impact of this process on the natural environment in the vicinity of the plant largely 

is determined by the treatment of the waste streams this process creates. The individual waste 

streams of this process contain significant amounts of water, not only because of the water 

supplied to this process system but also the water that is created by the hydrochlorination, ECH 

production, and hydrolysis reactions. It was assumed that steam and cooling water used as 

utilities in this process are recyclable internally, so that these do not add to the overall volume of 

the waste streams. Due to our plant being located in the Gulf Coast region of the United States, it 

was assumed that the exact location would be within the service range of an industrial waste 

management firm which could aid this process in disposing of the waste water streams while 

being compliant with local laws and regulations. One such industrial waste management 

company is Excel Industrial Group, located in Houston, Texas. Excel Industrial Group offers a 
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drum-waste pickup service, where a routine pickup schedule is established for the transportation 

of 55 gallon drums from a process facility to their waste management site [8.5.1]. This ECH 

production process could contractually do business with Excel Industrial Group or another such 

waste management company by first centralizing the waste streams of this process into a storage 

tank, which then is used to fill 55 gallon drums to be picked up by the waste management 

company.  

 

Table 8.4.1: Waste Water Stream Specifications 

Waste Stream Mass Flow Rate 

(kg/hr) 

Mass Fraction of 

Water 

Primary 

Impurity  

Mass Fraction of 

Primary Impurity 

Waste Water 1 1,393 0.38 Glycerol 0.62 

Waste Water 2 28,179 0.63 NaCl 0.33 

Waste Water 3 5,793 0.13 ECH 0.84 

Mixed 

Wastewater 35,365 0.54 NaCl 0.26 

 

 

 

Acknowledgements 

 This report would not have been possible without the help of several important people. 

Dr. Bruce Hook provided so much meaningful guidance for this project and overcoming the 

setbacks mentioned would not have been possible without his advice. His experience in this 

industry not only made it possible to avoid the mistakes made in this project but also to progress 

things that would have otherwise taken a longer amount of time. It can not go unsaid how 

appreciated it is that he put in the time and effort to offer his services throughout the duration of 

these projects as it will leave a lasting impact. 

 

 Dr. Alan Weimer was the one who made this project possible, not only through his years 

of experience at Dow Chemical but also through his efforts towards garnering projects of this 

caliber on a consistent basis. He took a lot of faith in the authors to not only complete this project 

but to also complete this project at a higher level than previously done. The team in charge of 

this project was dropped two members in the early duration and Dr. Weimer had to graciously be 

in more frequent communication with members of this group regarding things such as logistics, 

deadlines, and expectations. His consistent willingness to keep the hope of this project alive 

despite major setbacks also made this project possible. 

 

 Dr. David Clough, a professor Emeritus at the University of Colorado Boulder who 

specializes in Aspen Plus, was a huge help to this project. It was identified early on that Aspen 

simulations would be challenging for reasons pertaining to azeotropes, kinetics, and selected 

fluid packages. The expertise required to design this project through simulation software was not 

up to par but Dr. Clough alleviated this learning curve through consistent communication. 

 



111 

 

References 

 

[1.2.1] Santacesaria, E., Vitiello, R. Tesser, R., Russo, V., Turco, R., Di Serio, M. (2014). 

Chemical and Technical Aspects of the Synthesis of Chlorohydrins from Glycerol. Industrial & 

Engineering Chemical Research, 53, 8939-8962. https://pubs.acs.org/doi/pdf/10.1021/ie403268b 

 

[1.2.2] Tolli, F., Occhetta, A., Broglia, F., Calemma, V., Carmiati, S., Storti G., Sponchioni M., 

Moscatelli, D. (2022). Influence of pH on kinetics of hydrolysis reactions: the case of 

epichlorohydrin and glycidol. Reaction Chemistry & Engineering, 7, 2211-2223.  

https://pubs.rsc.org/en/content/articlelanding/2022/re/d2re00191h 

 

[1.3.1] Global Epichlorohydrin Market Analysis: Plant Capacity, Production, Process, 

Technology, Operating Efficiency, Demand & Supply, End-Use, Foreign Trade, Sales Channel, 

Regional Demand, Company Share, 2015-2030. (2023). Grand View Research. 

https://www.grandviewresearch.com/industry-analysis/epichlorohydrin-ech-market 

 

[1.3.2] McCoy, M. (2012). Solvay Commercializes New Route To Epichlorohydrin. American 

Chemical Society. https://cen.acs.org/articles/90/i10/Solvay-Commercializes-New-Route-

Epichlorohydrin.html  

 

[1.3.3] Parikh, N. (2022). Meghmani Finechem commissions India’s first Epichlorohydrin Plant. 

The Times of India. https://timesofindia.indiatimes.com/business/india-business/meghmani-

finechem-commissions-indias-first-epichlorohydrin-plant/articleshow/91948647.cms 

[3.1.1] Almena, A., & Martín, M. (2015). Technoeconomic analysis of the production of 

epichlorohydrin from glycerol. Industrial & Engineering Chemistry Research, 55(12), 3226–

3238. https://doi.org/10.1021/acs.iecr.5b02555 

[3.1.2] de Araujo Filho, C. A., Eränen, K., Mikkola, J.-P., & Salmi, T. (2014). A comprehensive 

study on the kinetics, mass transfer and reaction engineering aspects of solvent-free glycerol   

 

[3.1.3] Medina, A., Abad, J. I., Tolvanen, P., de Araujo Filho, C., & Salmi, T. (2022). Revisiting 

the kinetics and mechanism of glycerol hydrochlorination in the presence of homogeneous 

catalysts. Industrial & Engineering Chemistry Research, 61(37), 13827–13840. 

https://doi.org/10.1021/acs.iecr.2c01805   

 

[3.1.4] NIST Standard Reference Database Number 69. (2023). NIST Chemistry WebBook. 

https://webbook.nist.gov/chemistry/ 

[3.1.5] Tesser, R., Santacesaria, E., Di Serio, M., Di Nuzzi, G., & Fiandra, V. (2007). Kinetics of 

glycerol chlorination with hydrochloric acid:  a new route to α,γ-dichlorohydrin. Industrial & 

Engineering Chemistry Research, 46(20), 6456–6465. https://doi.org/10.1021/ie070708n 

[3.2.1] de Araujo Filho, C. A., Eränen, K., Mikkola, J.-P., & Salmi, T. (2014). A comprehensive 

study on the kinetics, mass transfer and reaction engineering aspects of solvent-free glycerol 

hydrochlorination. Chemical Engineering Science, 120, 88–104. 

https://doi.org/10.1016/j.ces.2014.08.043    

https://pubs.acs.org/doi/pdf/10.1021/ie403268b
https://pubs.rsc.org/en/content/articlelanding/2022/re/d2re00191h
https://www.grandviewresearch.com/industry-analysis/epichlorohydrin-ech-market
https://cen.acs.org/articles/90/i10/Solvay-Commercializes-New-Route-Epichlorohydrin.html
https://cen.acs.org/articles/90/i10/Solvay-Commercializes-New-Route-Epichlorohydrin.html
https://timesofindia.indiatimes.com/business/india-business/meghmani-finechem-commissions-indias-first-epichlorohydrin-plant/articleshow/91948647.cms
https://timesofindia.indiatimes.com/business/india-business/meghmani-finechem-commissions-indias-first-epichlorohydrin-plant/articleshow/91948647.cms
https://doi.org/10.1021/acs.iecr.5b02555
https://doi.org/10.1021/acs.iecr.2c01805
https://doi.org/10.1021/ie070708n
https://doi.org/10.1016/j.ces.2014.08.043


112 

 

 

[3.2.2] Forrester, S. E., Rielly, C. D., & Carpenter, K. J. (1998). Gas-inducing impeller design 

and performance characteristics. Chemical Engineering Science, 53(4), 603–615. 

https://doi.org/10.1016/s0009-2509(97)00352-7   

 

[3.2.3] Medina, A., Abad, J. I., Tolvanen, P., de Araujo Filho, C., & Salmi, T. (2022). Revisiting 

the kinetics and mechanism of glycerol hydrochlorination in the presence of homogeneous 

catalysts. Industrial & Engineering Chemistry Research, 61(37), 13827–13840. 

https://doi.org/10.1021/acs.iecr.2c01805  

 

[3.2.4] NIST Standard Reference Database Number 69. (2023). NIST Chemistry WebBook. 

https://webbook.nist.gov/chemistry/  

 

[3.2.5] Perry, R. H., & Green, D. W. (2019). Perry's Chemical Engineers' handbook. McGraw-

Hill.  

 

[4.1.1] Santacesaria, E., Vitiello, R. Tesser, R., Russo, V., Turco, R., Di Serio, M. (2014). 

Chemical and Technical Aspects of the Synthesis of Chlorohydrins from Glycerol. Industrial & 

Engineering Chemical Research, 53, 8939-8962. https://pubs.acs.org/doi/pdf/10.1021/ie403268b 

 

[4.1.2] Tolli, F., Occhetta, A., Broglia, F., Calemma, V., Carmiati, S., Storti G., Sponchioni M., 

Moscatelli, D. (2022). Influence of pH on kinetics of hydrolysis reactions: the case of 

epichlorohydrin and glycidol. Reaction Chemistry & Engineering, 7, 2211-2223.  

https://pubs.rsc.org/en/content/articlelanding/2022/re/d2re00191h 

 

[4.2.1] Mahajan, A. J., & Kirwan, D. J. (1996). Micromixing effects in a two-impinging-jets 

precipitator. AIChE Journal, 42(7), 1801–1814. https://doi.org/10.1002/aic.690420702 

 

[4.2.2] Hills, E. E., Abraham, M. H., Hersey, A., & Bevan, C. D. (2011). Diffusion coefficients 

in ethanol and in water at 298k: Linear Free Energy relationships. Fluid Phase Equilibria, 

303(1), 45–55. https://doi.org/10.1016/j.fluid.2011.01.002 

[4.3.2] Kiss, A. A., Ten Kate, A. B., Renkema, E. H., & Vos, H. J. (2012, May 3). Process for 

Preparing Dichlorohydrin.  

[4.4.1] Linninger, A. (2014). Distillation. University of Utah: Senior Design CHE 396. 

https://my.che.utah.edu/~ring/Design%20I/Articles/distillation%20design.pdf 

[5.2.1] Univar Solution. (2023). Glycerine: Glycerin: Glycerol: Univar solutions. Glycerin | 

Glycerol | Univar Solutions. Retrieved May 4, 2023, from 

https://www.chemicalassociates.com/products/glycerine.html 

[5.3.1] Seider. Seader. Lewin. Widadgo. (2010). Product and Process Design Principles (3rd ed.). 

John Wiley & Sons, Inc. 

https://doi.org/10.1016/s0009-2509(97)00352-7
https://doi.org/10.1021/acs.iecr.2c01805
https://webbook.nist.gov/chemistry/
https://pubs.acs.org/doi/pdf/10.1021/ie403268b
https://pubs.rsc.org/en/content/articlelanding/2022/re/d2re00191h
https://doi.org/10.1002/aic.690420702
https://doi.org/10.1016/j.fluid.2011.01.002
https://my.che.utah.edu/~ring/Design%20I/Articles/distillation%20design.pdf
https://www.chemicalassociates.com/products/glycerine.html


113 

 

[5.3.2] Tools, P. E. (2014, August). Specific Heat Capacities of Liquids. Specific heat capacity of 

liquids. Retrieved May 4, 2023, from 

https://myengineeringtools.com/Data_Diagrams/Specific_Heat_Capacity_Liquids.html 

[5.3.3] Elliott, J. R., & Lira, C. T. (2022). Introductory chemical engineering thermodynamics. 

Pearson Education. 

[5.6.1] Centrifugal Pump Performance Curves and Technical Information. (2021). Fristam 

Pumps USA. 

https://www.fristam.com/DesktopModules/Bring2mind/DMX/Download.aspx?Command=Core_

Download&EntryId=254&PortalId=0&TabId=301 

 

[7.2.1] Dunn, R. (n.d.). Equipment_Costing_Example.xlsx. Vanderbilt University.  

 

[7.2.2] Clough, D. (n.d.). Cost_Formulas_Nov_2022.xlsx. Boulder; University of Colorado 

Boulder.  

[7.2.3] Harrison, R. G. (2003). Bioseparations Science and Engineering. Oxford University 

Press.  

[7.2.4] Maxwell, C. (2020, May 28). Cost indices. Towering Skills. Retrieved May 4, 2023, from 

https://toweringskills.com/financial-analysis/cost-indices/  

[7.2.5] Peters, M. S., Timmerhaus, K. D., & West, R. E. (2006). Plant Design and Economics for 

Chemical Engineers. McGraw-Hill.  

[7.2.6] Seider. Seader. Lewin. Widadgo. (2010). Product and Process Design Principles (3rd ed.). 

John Wiley & Sons, Inc. 

[7.3.1] Booker, C. (2023). The Pros And Cons Of 12-Hour Work Shifts. Booker Law, PLLC. 

https://www.brookerlaw.com/blog/pros-cons-12-hour-

shifts/#:~:text=The%20DuPont%20schedule%20uses%20a,day%20shifts%2C%20seven%20day

s%20off. 

 

[7.3.2a] CAS 142-62-1 hexanoic acid. Cas 142-62-1 Hexanoic Acid - Buy 142-62-1,Hexanoic 

Acid,Caproic Acid Product on Alibaba.com. (n.d.). Retrieved May 4, 2023, from 

https://www.alibaba.com/product-detail/cas-142-62-1-Hexanoic-acid_60635049826.html  

 

[7.3.2b] Glycerol/glycerin barrel pack. Glycerol/glycerol - Alcohol & Hydroxybenzene & Ether 

Product on Alibaba.com. (n.d.) Retrieved May 4, 2023, from https://www.alibaba.com/product-

detail/Glycerol-glycerin-Manufacturer-In-Indonesia-

Good_1600549728579.html?spm=a2700.7724857.0.0.13077f5bcgQ4G9 

 

[7.3.2c] Hydrochloric Acid Price Trend and Forecast. (2023). ChemAnalyst. 

https://www.chemanalyst.com/Pricing-data/hydrochloric-acid-61 

 

[7.3.2d] Factory price caustic soda flake 99% in 25kg bag. Caustic soda - Alkali Product on 

Alibaba.com (n.d.) Retrieved May 4, 2023, from https://www.alibaba.com/product-

https://myengineeringtools.com/Data_Diagrams/Specific_Heat_Capacity_Liquids.html
https://www.fristam.com/DesktopModules/Bring2mind/DMX/Download.aspx?Command=Core_Download&EntryId=254&PortalId=0&TabId=301
https://www.fristam.com/DesktopModules/Bring2mind/DMX/Download.aspx?Command=Core_Download&EntryId=254&PortalId=0&TabId=301
https://www.brookerlaw.com/blog/pros-cons-12-hour-shifts/#:~:text=The%20DuPont%20schedule%20uses%20a,day%20shifts%2C%20seven%20days%20off
https://www.brookerlaw.com/blog/pros-cons-12-hour-shifts/#:~:text=The%20DuPont%20schedule%20uses%20a,day%20shifts%2C%20seven%20days%20off
https://www.brookerlaw.com/blog/pros-cons-12-hour-shifts/#:~:text=The%20DuPont%20schedule%20uses%20a,day%20shifts%2C%20seven%20days%20off
https://www.alibaba.com/product-detail/Glycerol-glycerin-Manufacturer-In-Indonesia-Good_1600549728579.html?spm=a2700.7724857.0.0.13077f5bcgQ4G9
https://www.alibaba.com/product-detail/Glycerol-glycerin-Manufacturer-In-Indonesia-Good_1600549728579.html?spm=a2700.7724857.0.0.13077f5bcgQ4G9
https://www.alibaba.com/product-detail/Glycerol-glycerin-Manufacturer-In-Indonesia-Good_1600549728579.html?spm=a2700.7724857.0.0.13077f5bcgQ4G9
https://www.chemanalyst.com/Pricing-data/hydrochloric-acid-61


114 

 

detail/Factory-price-caustic-soda-flake-

99_1600732006598.html?spm=a2700.galleryofferlist.normal_offer.d_title.4f8b5bfbCnJOBi 

[7.3.3] Seider. Seader. Lewin. Widadgo. (2010). Product and Process Design Principles (3rd ed.). 

John Wiley & Sons, Inc. 

[7.3.4] Weimer, A. (n.d.). ProjectEconomics.xlsx. Boulder; University of Colorado Boulder.  

[8.1.1] Sigma Aldrich. (2005, May 13). Chemical Safety Data: Glycerol. Retrieved May 5, 2023, 

from https://www.oneida-

boces.org/cms/lib/NY01914080/Centricity/Domain/65/ChemicalSafetyData_Glycerol_All.pdf 

[8.1.2] Airgas. (2020, November 24). Safety Data Sheet. Retrieved May 5, 2023, from 

https://www.airgas.com/msds/001028.pdf 

[8.1.3] Sigma Aldrich. (2023, March 18). Safety Data Sheet . Retrieved May 5, 2023, from 

https://www.sigmaaldrich.com/US/en/sds/sial/459836 

[8.1.4] Fisher Science. (2022, September 30). Safety Data Sheet. Retrieved May 5, 2023, from 

https://www.fishersci.com/store/msds?partNumber=AC218580100&productDescription=CURC

UMIN+98%2B%25%28UV%29+10GR&vendorId=VN00032119&countryCode=US&language

=en 

[8.1.5] Fisher Science. (2021, December 24). Safety Data Sheet. Retrieved May 5, 2023, from 

https://www.fishersci.com/store/msds?partNumber=AC180182500&productDescription=1%2C3

-DICHLORO-2-

PROPANOL%2C+250ML&vendorId=VN00032119&countryCode=US&language=en 

[8.1.6] Fisher Science. (2014, December 14). Safety Data Sheet. Retrieved May 5, 2023, from 

https://beta-

static.fishersci.com/content/dam/fishersci/en_US/documents/programs/education/regulatory-

documents/sds/chemicals/chemicals-s/S25881.pdf 

[8.1.7] Fisher Science. (2021, December 25). Safety Data Sheet. Retrieved May 5, 2023, from 

https://www.fishersci.com/store/msds?partNumber=AC430711000&productDescription=EPICH

LOROHYDRIN+ACROSEAL+100ML&vendorId=VN00032119&countryCode=US&language

=en 

[8.1.8] Fisher Science. (2021, December 24). Safety Data Sheet. Retrieved May 5, 2023, from 

https://www.fishersci.com/store/msds?partNumber=AC120051000&productDescription=GLYCI

DOL%2C+TECH.+100MLGLYCIDOL&vendorId=VN00032119&countryCode=US&language

=en 

[8.2.1] Occupational Safety and Health Administration. (1992, June 1). United States 

Department of Labor. 1910.119 - Process safety management of highly hazardous chemicals. | 

Occupational Safety and Health Administration. Retrieved May 4, 2023, from 

https://www.osha.gov/laws-regs/regulations/standardnumber/1910/1910.119 

https://www.oneida-boces.org/cms/lib/NY01914080/Centricity/Domain/65/ChemicalSafetyData_Glycerol_All.pdf
https://www.oneida-boces.org/cms/lib/NY01914080/Centricity/Domain/65/ChemicalSafetyData_Glycerol_All.pdf
https://www.airgas.com/msds/001028.pdf
https://www.sigmaaldrich.com/US/en/sds/sial/459836
https://www.fishersci.com/store/msds?partNumber=AC218580100&productDescription=CURCUMIN+98%2B%25%28UV%29+10GR&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC218580100&productDescription=CURCUMIN+98%2B%25%28UV%29+10GR&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC218580100&productDescription=CURCUMIN+98%2B%25%28UV%29+10GR&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC180182500&productDescription=1%2C3-DICHLORO-2-PROPANOL%2C+250ML&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC180182500&productDescription=1%2C3-DICHLORO-2-PROPANOL%2C+250ML&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC180182500&productDescription=1%2C3-DICHLORO-2-PROPANOL%2C+250ML&vendorId=VN00032119&countryCode=US&language=en
https://beta-static.fishersci.com/content/dam/fishersci/en_US/documents/programs/education/regulatory-documents/sds/chemicals/chemicals-s/S25881.pdf
https://beta-static.fishersci.com/content/dam/fishersci/en_US/documents/programs/education/regulatory-documents/sds/chemicals/chemicals-s/S25881.pdf
https://beta-static.fishersci.com/content/dam/fishersci/en_US/documents/programs/education/regulatory-documents/sds/chemicals/chemicals-s/S25881.pdf
https://www.fishersci.com/store/msds?partNumber=AC430711000&productDescription=EPICHLOROHYDRIN+ACROSEAL+100ML&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC430711000&productDescription=EPICHLOROHYDRIN+ACROSEAL+100ML&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC430711000&productDescription=EPICHLOROHYDRIN+ACROSEAL+100ML&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC120051000&productDescription=GLYCIDOL%2C+TECH.+100MLGLYCIDOL&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC120051000&productDescription=GLYCIDOL%2C+TECH.+100MLGLYCIDOL&vendorId=VN00032119&countryCode=US&language=en
https://www.fishersci.com/store/msds?partNumber=AC120051000&productDescription=GLYCIDOL%2C+TECH.+100MLGLYCIDOL&vendorId=VN00032119&countryCode=US&language=en
https://www.osha.gov/laws-regs/regulations/standardnumber/1910/1910.119


115 

 

[8.5.1] Excel Industial Group. (2018). Hazardous & Non-Hazardous Waste Management in 

Houston, TX. Excel Industrial Group, LLC. Retrieved May 4, 2023, from 

https://www.eigus.com/services/industrial-waste-transportation-disposal/hazardous-non-

hazardous-industrial-waste-management/ 

 

[P.1] Fan, W. W., Kneupper, C. D., Noormann, S., Patrascu, R., Hook, B. D., Lipp, C. W., 

Cloetter, M. D., & Groenewald, H. (2012, December 25). PROCESS FOR PRODUCING 

EPOXIDES.  

[P.2] Hook, B. D., Briggs, J., Campbell, M., Kruper Jr., W. J., Schreck, D. J., Varjian, R. D., & 

Hippler, J. G. (2011, March 22). PROCESS FOR THE CONVERSION OFA CRUDE 

GLYCEROL, CRUDE MIXTURES OF NATURALLY DERVED 

MULTHYDROXYLATED ALPHATC HYDROCARBONSORESTERS THEREOF TO 

A CHLOROHYDRIN.  

[P.3] Hook, B. D., Merenov, A., & Tirtowidjojo, D. (2013, November 19). MULTI-STAGE 

PROCESS AND APPARATUS FOR RECOVERING DICHLOROHYDRINS. 

[P.4] Krafft, P., Gilbeau, P., Gosselin, B., & Claessens, S. (2012, June 6). Process for producing 

epichlorhydrin.  

[P.5] Kruper Jr., W. J., Arrowood, T., Bell, B. M., Briggs, J., Campbell, R. M., Hook, B. D., 

Nguyen, A., Theriault, C., & Fitschen, R. (2011, March 15). BATCH, SEMI-

CONTINUOUS OR CONTINUOUS HYDROCHLORINATION OF GLYCERN WITH 

REDUCED VOLATLE CHLORINATED HYDROCARBON BY-PRODUCTS AND 

CHLORACETONE LEVELS. 

[P.6] Mehta, A. J., Tirtowidjojo, D., Hook, B. D., Briggs, J. R., & Hippler, J. G. (2013, 

September 24). PROCESS AND APPARATUS FOR PRODUCING CHLOROHYDRIN.   

[P.7] Simola, F., & Iosco, M. (2016, August 23). CONTINOUS PROCESS FOR PRODUCING 

EPICHLOROHYDRIN FROM GLYCEROL.  

[P.8] Tirtowidjojo, D., Merenov, A. S., Kreupper, C. D., Hook, B. D., & Mehta, A. J. (2013, 

April 16). PROCESS AND APPARATUS FOR RECOVERY OF 

DICHLOROHYDRINS VIA CODISTILLATION.   

[P.9]Tirtowidjojo, D., Merenov, A. S., Kneupper, C. D., Hook, B. D., & Mehta, A. J. (2014, 

January 14). PROCESS AND APPARATUS FOR AZEOTROPIC RECOVERY OF 

DCHLOROHYDRNS. 

 

 

 

 

https://www.eigus.com/services/industrial-waste-transportation-disposal/hazardous-non-hazardous-industrial-waste-management/
https://www.eigus.com/services/industrial-waste-transportation-disposal/hazardous-non-hazardous-industrial-waste-management/


116 

 

Appendices 

A.1: Chemical Species Notations 

Species Chemical Formula Abbreviation Notes 

Glycerol C3H8O3 GLY  

Water H2O H2O Reactant and Cooling 

Utility 

Hydrogen Chloride HCl HCl  

Hexanoic Acid C6H12O2 CAT Catalyst 

3-Monochloropropane-1,2-diol C3H7ClO2   ⍺-MCH 1/2 MCH Isomers 

2-Monochloropropane-1,3-diol C3H7ClO2 ꞵ-MCH 2/2 MCH Isomers  

1,3-Dichloropropan-2-ol C3H6Cl2O ⍺,𝛾-DCH 1/2 DCH Isomers 

1,2-Dichloropropan-3-ol C3H6Cl2O ⍺,ꞵ-DCH 2/2 DCH Isomers 

Epichlorohydrin C3H5ClO ECH Desired Product 

Glycidol C3H6O2 GL Undesired hydrolysis 

product 

Sodium Hydroxide NaOH NaOH Caustic Soda 

Sodium Chloride NaCl NaCl  

Methanol CH3OH MeOH  

 

A.2: Species Properties 

Species MW Density -kg/m3 

(at Troom) 

Glycerol 92.09 1263.8 

Water 18.01 997.87 

Hydrogen Chloride 36.46 Liquid: 1194.3 

Gas: 1.49 

Hexanoic Acid 116.16 927.2 

3-

Monochloropropane-

1,2-diol,  

2-

Monochloropropane-

1,3-diol 

110.54 1350.0 

1,3-Dichloropropan-

2-ol, 

114.92 1350.0 
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1,2-Dichloropropan-

3-ol 

Epichlorohydrin 92.52 1180.0 

Glycidol 74.08 1110.0 

Sodium Hydroxide 39.98 2130.0 

Sodium Chloride 58.44 2160.0 

Methanol 32.04 792.0 
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A.3 Aspen Full Stream Summary  
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A.4 Hydrochlorination CSTR MATLAB Code 
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A.5: Hydrochlorination PFR MATLAB File 
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A.6 Mixing PFR MATLAB File 
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